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Abstract

This thesis describes the development, design and construction of a unique porous
VYCOR membrane reactor and its application to the oxidative dehydrodimerization

(ODHD) of propylene.

A novel method of treating porous VYCOR glass membranes to substantially decrease
the tendency of the membrane to promote reactions between propylene and oxygen has
been developed. The method involves sequential treatment of the membrane in aqueous
NaOH and high temperature steam and results in the removal of most of the acid
characteristics of the membrane pores. A shell and tube type membrane reactor has been
constructed from the treated membrane. The tube section of the reactor is constructed of
both treated VYCOR and quartz tubing. Traditional glass working techniques cannot be
applied in this case, so a new method to bond treated VYCOR to quartz has been

developed called the “shrink wrap” method.

The membrane reactor has some residual activity which promotes oxidation of propylene
under operating conditions. The extent of these reactions is governed primarily by the
permeability of the membrane, particularly to propylene. The membrane permeability is

controlled by Knudsen diffusion.

The effectiveness of the membrane reactor in Inert Membrane Packed Bed Reactor
(IMPBR) mode is compared to a standard tubular reactor for ODHD of propylene using

Bi,O; as a catalyst. The membrane reactor is designed to maintain the oxygen
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concentration in the catalyst bed at a low but constant level over the entire length of the
reactor. A study of the kinetic behaviour of the catalyst indicates that the low oxygen
concentration will increase the selectivity of the catalytic reactions to the desired product,
1,5-hexadiene. Experimental results verify that a 10-20% (relative) increase in selectivity

is possible using the membrane reactor in IMPBR mode.

The effectiveness of the membrane reactor technology used in Catalytic Membrane
Reactor (CMR)) mode for ODHD of propylene has been compared to the tubular reactor

using In,Oj3 as a catalyst. CMR mode proves to be less effective than the tubular reactor.
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Chapter 1

Introduction

This thesis work seeks to combine a novel reactor technology, membrane reactors, and a
class of ever more important, but often difficult to carry out reactions, light
hydrocarbon/oxygen reactions. This introductory chapter is intended to provide some
background information on both of these topics. The background should help the reader
to understand why it is advantageous to investigate these two ideas together and to
understand where in the overall research picture this work resides. The chapter also
includes sections which explain the goals of the research and outline the structure of the

thesis.
1.1 Light Hydrocarbon/Oxygen Reactions

There are basically four types of reactions involving light hydrocarbons and oxygen. The
first type is partial oxidation of the hydrocarbon. Partial oxidations are selective addition
of one or more oxygen atoms to the hydrocarbon structure. Aldehydes, ketones, acids,
ethers and alcohols are all examples of materials that can be made by direct partial
oxidation of light hydrocarbon molecules. In most cases the direct partial oxidation of
the hydrocarbon is the most direct route (one reaction step) for the formation of the
oxygenated species. However, in many cases it is difficult to carry out the desired
reaction selectively and with high yield of the desired product. This class of reactions is
very often carried out with higher than stoichiometric ratio of hydrocarbon to oxygen, a
hydrocarbon rich atmosphere, to increase selectivity to the desired product. One of the
distinguishing features of this class of reactions is that the carbon backbone of the

hydrocarbon molecule is not significantly altered, if it is altered at all, by the reaction.



A et bt ot

t9

For example the oxidation of propylene to acrolein does not alter the basic structure of

the carbon backbone at all.

H H H H H H
C=-C_-C-H+0O, —p C=C-C=0+HO
HY H HY (1.1)

The second type of hydrocarbon/oxygen reaction is oxidative dehydrogenation (ODH) or
oxidative dehydrodimerization (ODHD). Typically the dehydrogenation reactions are
used to produce olefins from paraffins or diolefins from olefins. However,
dehydrogenation of other types of hydrocarbon molecules is possible as is
dehydrogenation of partially oxidized hydrocarbons. In all these cases water is the
primary co-product rather than hydrogen. Examples of oxidative dehydrogenation
reactions which are garnering research efforts at this time are ethylene production from
ethane and butadiene production from 1-butene. Dimerization reactions are similar to the
dehydrogenation reactions except that they combine two identical hydrocarbons by
removing one hydrogen from each to allow the new carbon-carbon bond to form.
Perhaps the most thoroughly investigated example of light hydrocarbon oxidative

dimerization is the oxidative coupling of methane (OCM) to produce ethane.
1
2CH, + %40, - C,H, + H,0 (1.2)

The study of this reaction began in earnest in 1982 with the publication of work done at
Union Carbide (Keller and Bhasin (1982)), and research output has been prolific in the
intervening 15 years. This reaction could represent an important route for upgrading of
the world’s abundant, but often remote, supply of natural gas. To date it has not reached
a level of technical success that allows for commercialization of the process. However,
what this reaction does clearly show are the reasons for using oxygen in any of the
dehydrogenation or dimerization reactions. The primary reason for using oxygen in these
reactions is to remove hydrogen as water rather than as hydrogen gas. Producing water

rather than hydrogen results in the reaction being exothermic, rather than endothermic as
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in the non-oxidative route. Since the heat of reaction terms dominate over the entropy
terms, the free energy change upon reaction is large and negative. Thus, for the oxidative
reactions the thermodynamic equilibrium limit that is often encountered for endothermic

dehydrogenation reactions is avoided.

To illustrate the previous point consider the production of ethylene from ethane. Non-
oxidative dehydrogenation is the standard process for production of ethylene from ethane.
This process has to be operated at 825°C to allow 75% one-pass conversion of ethane and
is endothermic. The oxidative dehydrogenation reaction, by contrast, is exothermic with
no significant thermodynamic limit, and, given the proper catalyst, can operate between

500-700°C.

The third type of hydrocarbon/oxygen interaction is oxidative reforming of hydrocarbons.
This type of reaction applies most often to methane but can apply to any hydrocarbon. It
is an alternative to the standard steam reforming method for producing synthesis gas.
Since the reaction involves the production of carbon monoxide and hydrogen, a
destruction of the basic backbone and structure of the reactant hydrocarbons occurs for
hydrocarbons containing two or more carbons. It is this feature that distinguishes
reforming from the partial oxidation and dehydrogenation reactions previously
mentioned. Reforming results in a greater degree of oxidation of the carbon atoms than

either of the previous two types of reactions.

All three of the previously listed reaction types have three very important features in
common: (1) the reactions are typically carried out in hydrocarbon rich atmospheres, (2)
they involve incomplete oxidation (to varying degrees) of the feed hydrocarbon, and (3)
they are intended to produce usable products. By a combination of reaction conditions
and catalyst all three of these types of reactions produce products that can be considered
“thermodynamic intermediates”. The thermodynamically most favourable reaction
between a hydrocarbon and oxygen is complete combustion producing only carbon

dioxide and water. Thus, any products of incomplete oxidation could be considered



intermediates. Often the most prevalent undesired reaction that occurs in parallel with

these 3 reaction types is complete combustion.

The fourth reaction type is combustion. Under this category, incomplete combustion
(production of carbon monoxide instead of carbon dioxide) can be considered. The goal
of this reaction is either to produce the maximum amount of thermal energy possible
from the hydrocarbon or to eliminate any residual hydrocarbon from a stream by
producing the most innocuous products possible. In either case carbon dioxide and water
are the desired products. Since complete oxidation is desired, the reaction usually
operates in an oxygen rich regime. As noted above, this reaction is often an undesired
side reaction, even in oxygen lean environments, when any of the first three types of
reactions are desired. Often it may be one of the desired products which is more
susceptible to combustion than the feed hydrocarbon component that undergoes complete
oxidation. It is these complete oxidation reactions which reduce the selectivity to a
desired product in a hydrocarbon/oxygen reaction process. The partial oxidation and
dehydrogenation/dehydrodimerization reactions are very prone to this problem as the
desired product is often more susceptible to complete combustion than are the feed

materials.

Given that a number of the partial oxidation reactions and dehydrogenation reactions can
be carried out via non-oxidative routes (routes not involving molecular oxygen), why
would the oxidative routes be used? One very important reason, as previously noted, is
that thermodynamic restrictions encountered in non-oxidative routes can be avoided. As
an illustration consider the reaction that is used as a model light hydrocarbon/oxygen
reaction for this thesis work, oxidative dehydrodimerization (ODHD) of propylene, and
compare it with the non-oxidative route. The oxidative route is used to produce Cg
hydrocarbons, most predominantly the linear diolefin, 1,5-hexadiene. Other potential
hydrocarbon products can be formed because 1,5-hexadiene can be further oxidized to
benzene or because propylene can react with oxygen to form acrolein. Typically the

oxidative route is carried out at approximately 800 K, so this temperature will be used as



the point for comparison of the two routes. Without oxygen, the normal
dehydrogenation/dimerization reaction is as follows.

2C,H,, ., = CeHyogy + Hag) (1.3)

6(g)
AHaj¢g = 21.6 kJ/mol propylene
AHggo = 27.2 kJ/mol propylene
AGags = 26.8 kJ/mol propylene
AGgg = 32.4 kJ/mol propylene

The Gibbs free energy change of reaction is positive and increasing with temperature
indicating that equilibrium will severely limit the extent of reaction. At 800 K the
maximum possible conversion of a propylene feed to 1,5-hexadiene is approximately

7.5% and the reaction is endothermic.

In contrast, the oxidative route, ODHD of propylene, is as follows.
2C,H,, . + Y50, =CeH o + H,0 (1.4)
3tl6(g) 22 6°710(g) 2™(g) :

AHazgg = -99.3 kJ/mol propylene
AHggo = -96.0 kJ/mol propylene
AGa93 = -87.5 kJ/mol propylene
AGggo = -69.4 kJ/mol propylene

The Gibbs free energy change of reaction in this case is significantly negative, meaning
that there is effectively no equilibrium limit at any reasonable reaction temperature. In
addition the reaction is exothermic so energy need not be supplied from an external

source.
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The oxidative process is not without drawbacks. The primary drawback is the
thermodynamic favourability of non-selective oxidation. The complete combustion of
propylene has a much more negative Gibbs energy change of reaction than ODHD of

propylene.
CyHg,, + % Osig) = 3CO0s,, +3H,0,,, (1.5)

AHs9g = -1927.4 kJ/mol propylene
AHggo = -1925.2 kJ/mol propylene
AGagg =-1932.4 kJ/mol propylene
AGggo = -1943.8 kJ/mol propylene

Thus if propylene and oxygen react at an elevated temperature, 800 K, then
thermodynamic considerations dictate that complete combustion products would be
expected to be predominant in the effluent. It must be noted that the non-oxidative route
also suffers from selectivity problems because thermodynamics dictates that branched Cs

olefins and non-C¢ products are mostly likely to form.

The second drawback is less serious. Water is produced in all oxidative dehydrogenation
processes instead of the hydrogen produced in simple dehydrogenation reactions. Itis
basically the selective oxidation of hydrogen, and hydrogen only, that makes these types
of reactions successful. Oxidation of carbon atoms reduces the selectivity to the desired
hydrocarbon product. Oxidation of hydrogen removes hydrogen as a product
(overcoming the equilibrium limitation) and provides the energy that converts the
endothermic dehydrogenation reaction into an exothermic oxidative dehydrogenation
reaction. The drawback is that water is a valueless byproduct whereas hydrogen can be
potentially valuable. The loss of hydrogen as a co-product must be considered when

evaluating the potential economic feasibility of such a process.
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Given that the primary drawback is that thermodynamic considerations dictate that
combustion products are the most favoured products of light hydrocarbon/oxygen
interactions at elevated temperatures, the key to success, then, is to preferentially
kinetically promote the desired reactions over the combustion reactions. As engineers
and experimentalists we potentially have control over four parameters that affect the rates
of reaction: (1) concentration or partial pressure of the reactants, (2) reaction
temperature, (3) activation energy for each of the reactions, and possibly (4) the overall
order of the reaction. The first two parameters can be controlled for any reaction
situation. The last two parameters require that the reactions be promoted by a catalyst.
An appropriate catalyst will promote the desired reaction by reducing the activation
energy of the desired reaction relative to the undesired reaction and/or by increasing the
potential for the desired reaction to occur by providing “active sites” on which the
reaction will selectively proceed. Having selected an appropriate catalyst, the reaction
temperature can be selected to take advantage of differences in the activation energies of
the competing reactions on the catalyst, and the feed concentrations can be specified to
take advantage of the differences in reaction orders of the competing reactions. For
example, a lower temperature and higher hydrocarbon concentration may favour a partial
oxidation reaction over the complete oxidation reaction. Thus, maximizing selectivity
and/or yield from the hydrocarbon/oxygen reactions requires integrating catalyst

selection, reactor design and process design.

1.2 Oxidative Dehydrodimerization of Propylene

As indicated in the previous section the key experimental reaction for this thesis work is
the oxidative dehydrodimerization of propylene. At first glance this reaction does not
seem like a natural choice as a model reaction for the study of hydrocarbon/oxygen
interaction in membrane reactors. Numerous other reactions have received much more
experimental attention in the literature and a number, particularly partial oxidation

reactions such as production of acrolein from propylene and maleic anhydride from



butane, are used in large scale commercial processes. Thus, some explanation of the

particular features of this reaction and the reasons for choosing it are in order.

The usual test of the ability of a membrane reactor to “add value” to a particular reaction
is either to facilitate an increase in conversion (often overcoming an equilibrium
limitation) or to increase the selectivity to the desired product or, ideally, both. In the
case of hydrocarbon/oxygen interactions the goal is usually to increase selectivity. This
increase in selectivity comes about primarily by reducing the opportunity for the
undesired reactions to occur. Using a membrane reactor allows either one of the
reactants to be kept, for the most part, separated from the other reactants and products, or
for one of the products to be separated from the rest of the effluent stream. In either case

the key is to prevent interaction between certain species to as large an extent as possible.

Generally in hydrocarbon/oxygen reactions, when the hydrocarbon has less stable carbon
bonds and more of these types of bonds it is more susceptible to deep oxidation
(disruption of the carbon backbone and oxidation of the carbon). Methane, for example,
is a very stable molecule as it has only the four symmetric C:H bonds. Stability against
oxidation generally decreases as the molecule becomes larger and as more unsaturated
bonds appear in the molecule. Cyclic compounds and molecules with conjugated bonds
deviate from this trend to some degree. If keeping oxygen and a hydrocarbon separated
will help prevent deep oxidation, then the beneficial effect of keeping oxygen and a
hydrocarbon apart will be most pronounced with less “stable” hydrocarbon molecules.
This line of thinking leads to the conclusion that a longer hydrocarbon, and perhaps an
olefin, would be an appropriate model compound for use in this type of study. Propylene

is an example of such a compound.

The other advantage that larger molecules provide is that a lower temperature is required
to “activate” the compound. The active species that will readily react is usually an ion or
radical form of the feed species. Being able to operate at a lower temperature has two
important practical advantages. The first advantage is that the reactions are much more

likely to occur mainly or exclusively on the catalyst surface rather than homogeneously.



Confining the reaction to the surface makes understanding and potential analysis of the
kinetics and possible reaction steps easier. Thus, a lower temperature helps simplify
some of the theoretical aspects of the research. The second advantage is more practical.
A lower temperature causes fewer material constraints on the membrane. A membrane
will always be stronger and less catalytically active at lower temperatures and hence
potential problems with the mechanical aspects of the design and the potential adverse

catalytic effects of the membrane will be lessened.

Given that a larger molecule will be the model hydrocarbon, the other key question is
what type of hydrocarbon/oxygen reaction to investigate: partial oxidation,
dehydrogenation or dimerization. For many partial oxidation reactions involving C; and
heavier hydrocarbons there exist commercially viable catalytic process that give very
high yield at lower temperatures. The production of acrolein from propylene is an
example. Existing processes provide >93% conversion with 80-90% selectivity to
acrolein. There is not a great deal of room for improvement and hence investigation of
partial oxidation reactions of C3+ hydrocarbons using a membrane reactor is perhaps not
the best course of action for demonstrating the effectiveness of membrane reactor

technology.

Dehydrogenation and dehydrodimerization reactions are very similar in nature. The key
difference is that the latter involves coupling of two molecules and therefore is a more
difficult reaction to carry out. It usually involves radical species (free or surface) and
requires that the species exist long enough for two of them to collide (free radicals) or
interact (surface radicals). The longer the life of the radical species the more likely they
are to undergo additional oxidation reactions. Thus, a dimerization reaction will be a
greater challenge than a simpler dehydrogenation and will hopefully show greater

differences between a membrane reactor and a conventional reactor.

For both experimental and theoretical reasons, then, the oxidative dehydrodimerization of
propylene appears to be an appropriate model reaction for studying the potential

advantages of membrane reactor technology in light hydrocarbon/oxygen reactions. It
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must be noted that other oxidative reactions, namely oxidative coupling of methane and
oxidative dehydrogenation of ethane, propane and butane, have been investigated using
membrane reactors. There are substantial economic reasons for investigating these
processes. OCM has been viewed by many as an important potential step for upgrading
the world’s gas reserves and the oxidative dehydrogenation of the light alkanes provides

a potentially lucrative alternative to the existing pyrolysis processes for the production of
olefins. On the contrary, it may not appear that there is any sound economic/commercial
reason for wanting to oxidatively produce 1,5-hexadiene - there is no large world demand
for the chemical. However, selective hydrogenation of this linear diolefin will produce 1-
hexene for which there is a large and growing market. The smaller linear alpha olefins

(C4-Cs), including 1-hexene, are used as comonomers in the production of polyethylene.

In areas, such as Alberta, where the polyethylene industry is large and growing, but the
sources of higher a-olefins are limited, a selective process to produce such chemicals
from readily available feedstocks would be of considerable interest. There exist polymer
supported hydrogenation catalysts for which claims of the ability to selectively
hydrogenate di-olefins to olefins under mild conditions have been made. Thus, it seems
that the production of 1,5-hexadiene (diolefin) would be the most difficult step in

producing 1-hexene from propylene.

Existing commercial processes for producing 1-hexene from lower hydrocarbons suffer
from poor selectivity. Institut Francais du Petrole’s (IFP) Dimersol process produces
primarily non-linear olefins and the linear olefin product distribution (what little there is)
matches the thermodynamic equilibrium distribution meaning that there is little 1-hexene
production (Andrews and Bonnifay (1977)). The oligimerization of ethylene (a process
based on a Ziegler aluminum based catalyst or a proprietary nickel complex catalyst
(Shell)) (Modler et al. (1997)) produces a-olefins, but the primary product is 1-butene
with smaller quantities of 1-hexene and 1-octene being produced. A geometric
distribution of the products is encountered in some processes whereas a more uniform
product distribution, at least up to Cyz or Cy4, is encountered in other processes (Modler et

al. (1997)). Most of these process operate at pressures in excess of 30 MPa and



ST T TR T TR R

temperatures between 150-300°C. AF ischer-Tropsch synthesis route is employed by
Sasol that produces 1-hexene along with other a-olefins and linear paraffinic material
(Fenton (1996)). The selectivity is not high because a Schultz-Flory distribution of
products is encounted, but in Sasol’s case, the throughput is very large so a significant
amount of 1-hexene is produced. Most of the products of this process are in the gasoline
and wax fractions. Thus the lower pressure, higher selectivity oxidative route may

provide a feasible alternative to existing processes.
1.3 Membrane Reactors

The concept for a membrane reactor is very simple. The idea is that the ability of a
membrane to permeate one or more species can be exploited to give “enhanced” reactor
performance. That is, better performance than is possible with a standard reactor design.
The “enhanced” reactor performance can be defined in a number of ways. It can mean a
greater selectivity to a desired product, greater conversion of a reactant, or both, leading
to higher yield of a product. Enhanced performance can also mean greater stability at
normal operating conditions. It could mean the elimination of hot spots in the reactor,
safer operation, or possibly that the separation of products can occur simultaneously with

reaction, eliminating the need for other processing steps.

Membrane reactor technology could be termed an emerging technology. It has been long
known (since Thomas Graham discovered, in 1866, that palladium could selectively
adsorb large amounts of hydrogen (Graham (1866))) that membranes exist and could be
an important part of chemical processing industries. However it was not until the 1940’s
that membrane technology was exploited on the industrial scale. Beginning in the 1940’s
membranes were used for separation of uranium isotopes by gas phase separation of
U*5F¢ from U®F (Gillot (1991)). The enriched uranium product was necessary for the
atomic weapons industry which flourished in that period and later for the nuclear energy
industry. The membranes were used based on the ability of the membrane to cause
different rates of gas diffusion through the membrane for different molecules. It was not

until the late 1960’s and early 1970’s that papers began to appear in the open literature



o n e T TV TR TN TSR, ey e Y e

12

regarding the use of membranes in reaction engineering. The amount of work in this area
has been increasing steadily with time and with advances in a variety of membrane
construction/preparation technologies. Today membranes are routinely used for gas
separation and liquid filtering operations. However, after 25-30 years of research effort,
the use of membranes in reaction technology has not yet progressed beyond the
laboratory stage. It has shown great promise in a number of areas, but to date
technological challenges still prevent application of this technology on a larger scale. In

this sense, then, the technology must be considered as emerging.

1.3.1 Membrane Types

A membrane can be defined as a semipermeable barrier between two phases which
prevents intimate contact of the two phases. The barrier must be permselective. That is,
it must restrict the movement of molecules in a very specific way. Most commonly this
permselectivity is obtained by size exclusion (molecular sieving) or by differences in
diffusion coefficients among species. However differences in electrical charge,
differences in solubility, or differences in adsorption or reactivity on internal surfaces can
also give rise to permselectivity. The barrier (membrane) can be solid, liquid or gas but

for the purposes of this thesis all discussions will assume that the membrane is a solid.

Solid membranes can be classified by two criteria: structure of the solid and material of
construction. The structure of the solid is either dense or porous. A dense membrane has
no pores at all. The permeability of such a membrane must arise from solid state
diffusion of atomic species or ionic conduction of ionic species. The key characteristics
of dense membranes are that they usually have very high selectivity (often only being
permeable to a single species), but have very low permeability. There are three common
types of dense membranes. The first type is the dense metal membrane which is most
often produced as a thin metal foil or a film supp-rted on another substrate. Common
examples are palladium or palladium alloy membranes which are permeable only to
hydrogen (Shu et al. (1991)), and silver or silver alloy membranes which are only
permeable to oxygen (Anshits et al. (1989)). The second type of dense membrane is a
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solid oxide electrolyte membrane. These membranes are usually only permeable to a
single ionic species. Most often the species is O? which allows the membrane to
permeate oxygen. PbO and a variety of rare earth oxides are also examples of solid oxide
electrolyte membranes (Nozaki et al. (1992)). The third type of dense membrane is a
liquid immobilized membrane in which liquid is trapped or immobilized in the pores of a
substrate so that the pores are completely filled (Baker (1995)). The liquid then serves as

the semipermeable medium.

A porous membrane, naturally, has pores. The pores are typically designated as
macropores (pore diameter, d;, greater than 50 nm), mesopores (dp = 2-50 nm) or
micropores (d, <2 nm) (Sing et al. (1985)). Porous membranes can have pore diameters
that range in size from hundreds of microns down to a few nanometres and it is the pore
size that dictates the appropriate applications for each membrane. It is the pores that give
rise to permeability in porous membranes. The permselectivity is obtained by either
molecular sieving (for very small pore size), differences in diffusion coefficients, or by
size exclusion/filtering (for separation of molecular species from larger particles, viruses
for example, in materials with larger pores). The key characteristics that differentiate
porous membranes from dense membranes are that porous membranes have much higher
permeability but very often lower selectivity. The permeability of a very small-pore
porous membrane to hydrogen is typically 2 orders of magnitude greater than a dense
membrane of similar thickness. The permeability of a porous membrane increases
dramatically with increasing pore size. By its nature, however, a porous membrane can
never be 100% selective for one gaseous species, and selectivity generally decreases as

permeability increases.

There are a four basic types of porous membranes. The first type is perhaps the simplest
and consists of relatively non-tortuous, uniform pores and is shown in Figure 1.1. This
degree of homogeneity is possible in a single material using a technique such as anodic
oxidation of aluminum for manufacturing an anodic oxide film membrane. The work by
Furneaux et al. (1987) is an example. The second type of porous membrane is also made

of a single material and has a relatively narrow pore size distribution. It differs from the
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first type. primarily, because the pore structure is very tortuous or spongy. This type of
membrane is most commonly made by mixing two materials to make a solid with two
“phases”, then removing one phase to leave a pore structure within the remaining solid.
Two examples of this approach to construction are porous glass membranes which are
formed by leaching out one phase and carbon sieve or silica membranes which can be
made by controlled pyrolysis of a polymeric precursor containing the carbon or silica. It
is possible to construct membranes with very small pores using these methods. The third
basic type of membrane is an asymmetric membrane constructed of a single material. In
this case asymmetric means that the properties of the pores change across the thickness of
the membrane. The same anodic oxidation technique used to make the first type of
membrane listed above is employed. Processing parameters are altered to form the pores

in the different layers. A schematic representation of this type of membrane is shown in

Figure 1.2.

e e S

Figure 1.1 Homogeneous, Non-Tortuous Membrane

Figure 1.2 Asymmetric Non-Tortuous Membrane

The fourth type of porous membrane is the asymmetric composite membrane as shown
schematically in Figure 1.3. These membranes have layers of different sized particles,
although often each layer is made from the same substance. Most often it is ceramic
membranes that are made in this manner. The largest particles form the support layer.
This layer is often more than a millimetre thick and has pores that are usually 1-10 pm in

diameter. The intermediate layer is 10-100 pm thick and has pores with a diameter of 50-
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500 nm. [t is the top layer that controls the permeability and selectivity of the membrane
even though it typically contains less than 1% of the total pore volume of the membrane.
This layer can be less than 1 pum thick, but typically has a thickness between 1-10 um.
The pore diameter of this top (separation) layer is typically 2-50 nm. These types of
membranes are made by successive deposition of smaller and smaller particles on the
coarse support material. Both sol-gel and slip casting methods have proven successful
for the construction of crack/pin-hole free membranes, particularly when made of

alumina.
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Figure 1.3 Asymmetric Composite Membrane

Solid membranes can be very broadly classified into two categories based on the material
of construction: organic and inorganic. Organic membranes are polymeric in nature and

inorganic membranes are made of metal, glass or ceramic (metal oxide).

Organic membranes represent the bulk of all commercially available membranes at this
time and have had a reasonably long history of commercial use. In the early 1930°s
nitro-cellulose membranes became available for microfiltration applications, primarily
water treatment (Baker (1995)). This application was one of the few uses of membrane
technology until the 1960’s. The discovery of a method for the production of asymmetric
organic membranes made it possible to use organic membranes for more microfiltration
applications, for ultrafiltration, for reverse osmosis and for electrodialysis (Baker (1995)).
All of these applications involve the separation of material from a liquid phase. In the
1980’s use of polymeric membranes for large scale industrial gas separation became
common (Baker (1995)). Finally, in the 1990°s these types of membranes are being used
for pervaporation applications such as alcohol dehydration (Baker (1995)).
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The characteristic that all these applications have in common is that they are carried out
at, or near to, ambient temperature. Since the organic membranes are made of polymers
such as polypropylene, cellulose acetate, nitro-cellulose and polyamides, they have
mechanical and structural problems when subjected to elevated temperatures. It is for
this very reason that organic membranes (at least as they exist today) will have few
applications as membrane reactors. One exception to this rule may be for biotechnology
applications or reactions catalyzed by enzymes (which are also destroyed by high
temperatures). It is certain, however, that organic membranes cannot be used to carry
out high temperature gas-phase reactions in the presence of oxygen. As a result, organic
membranes have been excluded from consideration in this research work and will not be

discussed further in this thesis.

In contrast to organic membranes, most inorganic membranes do not have thermal
degradation problems until very high temperatures are reached. In this sense, they are the
only type of membrane that could be suitable for the high temperature
oxygen/hydrocarbon reactions to be investigated in this thesis. The characteristics which
determine exactly what type of membrane best suits a particular membrane reactor

application are discussed in Chapter 4 of this thesis.

1.3.2 Membrane Reactor Uses

The key characteristic that a membrane brings to a reactor system is the ability to
selectively add or remove one or more species in a reaction mixture. Thus membrane
reactor uses can be classified as either removal of a species from a reaction or addition of

a species to a reaction.

There are two reasons why it is desirable to remove a species from a mixture of reactants
and products. The first reason is that the species is the desired product and that it is
somewhat unstable, that is, prone to further reaction/degradation. Thus that species

should be removed from the reactor as quickly as possible to prevent degradation. The
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second reason to remove a species is to help shift an equilibrium limited reaction further

toward the desired products.

Whether or not membrane reactor technology is appropriate for a specific example of
either of these two cases, removal of an unstable product or shifting of equilibrium,
depends on whether the desired species can be preferentially separated from the rest of
the reaction mixture. Flux of a species across a membrane is governed by the product of
concentration driving force and diffusion coefficient. The type of diffusion that
predominates dictates the functional form of the overall flux expression with respect to
temperature and pressure. Except for dense metal membranes which are 100% selective
for either hydrogen (palladium membranes) or oxygen (silver membranes) and some
dense oxide ionic conductors, all other inorganic membranes allow the permeation of
more than one species. The difference in diffusion coefficients, given that all species are
at the same temperature and total pressure conditions, depends on molar mass and in
some cases on the affinity of the species to the surface of the membrane pores. That is,
smaller molecules diffuse more quickly and hence will be preferentially separated from
other species. Generally speaking, smaller molecules are usually less prone to reaction
than larger ones and so are not likely to be an “unstable” product. As a result membrane

reactors are not used for separation of unstable products.

Membrane reactors, however, have been considered and tested in numerous instances for
situations described in the second case, shifting of an equilibrium reaction constraint. In
every instance the reactions considered are either dehydrogenation reactions or
decomposition reactions in which one of the products is hydrogen. In all cases it is

hydrogen that is selectively removed across the membrane (Shu et al. (1991).

Addition of a species to a reaction mixture across a membrane is theoretically the same as
a flow reactor with an infinite number of feed points located axially along the reactor.

This scenario is pictured in Figure 1.4
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Figure 1.4 Flow Reactor with Continuous Differential Feed of One Component

In this instance only one species is added and thus the addition really is not “selective”.

It is the capacity of the membrane to distribute the material evenly along the axial length
that is being exploited rather than the permselectivity of the membrane. There are three
key reasons why this approach may be preferable to other approaches. The first reason is
to increase the selectivity to a desired product by controlling the concentration of a
reactant species that, while necessary for promoting the desired reaction, also plays a role
in unwanted side reactions. The second reason is to keep two species apart that could
cause safety concerns when combined in certain concentration ranges. Avoiding
operation within explosive limits is an example of this case. The third reason for using a
distributed feed is that in some instances a more uniform rate of reaction throughout the
reactor can be maintained. In so doing, more uniform temperature profiles can be
maintained in the reactor, avoiding hot spots in the case of exothermic reactions.
Examples of this use of a membrane reactor typically involve selective oxygenation or
hydrogenation reactions where the concentration of oxygen or hydrogen in the reaction

mixture needs to be kept at a low level to increase the selectively to a desired product.

As a generic example of a selective oxidation reaction, consider the reaction of a
component, A, with oxygen to produce a desired product, B, and an undesired product, C.
If the rates of the two competing equations can be described by power law expressions
(equations 1.6 and 1.7) in the region of interest, then the relative instantaneous, or point,
selectivity to the desired product compared with the undesired product is given by

equation 1.8.

rg = k,C7Cyp, (1.6)
re = kZCj’C;;I (1.7)
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k
relative pt.select.= o.nic 1 7Co! (1.8)

Lo 2

If the desired reaction is assumed to be of greater order in A and lesser order in B than
the undesired reaction (m>p, n<q), then at any particular point in a reactor the relative
point selectivity can become very large (very high selectivity to the desired product) if
the oxygen concentration is kept very low. Very high selectivity can be achieved in a
normal tubular reactor, but the low oxygen feed rate necessary to keep the overall oxygen
concentration low would severely limit the extent of reaction of A and yield of B. By
contrast, in a membrane reactor the oxygen concentration can be maintained at a low
level, but the oxygen is continuously fed so that it is not depleted and the extent of

reaction of A can be much greater with high yields of B.
1.4  Goals of the Research

The purpose of this study is to undertake the design and operation of a novel catalytic
reactor, namely a membrane reactor, for use in investigating hydrocarbon/oxygen
reactions, with the gas-phase oxidative dehydrodimerization of propylene selected as the
model reaction. Since the focus is on the reactor design and operation, there is no
catalyst development as such. Instead, catalysts that have proven to be relatively active
and selective for the reaction are used so that some of the potential operating advantages
of the novel reactor can be investigated. In particular bismuth oxide is used as a catalyst.
Previous work in the literature indicates that ODHD of propylene is first order with
respect to propylene and approximately zeroth order with respect to oxygen. Limited
information on CO; production (the undesired reaction) on the bismuth oxide catalyst
indicates that the reaction kinetics are positive order with respect to both propylene and
oxygen. Thus, following the example outlined at the end of Section 1.3.2, it is expected
that the membrane reactors will help overcome some of the limitations and drawbacks

associated with standard reactor designs.

Thus, the specific objectives of the project are as follows.
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1. Development of a single, on line method for the analysis of all the
components in the reactor effluent stream.

2. Design and construction of functional membrane reactors that are capable of
withstanding the temperatures and pressures of the reaction and will be
relatively inert with respect to conversion of the reactants and products.

3. Development of reactor operating configurations, including the method of
placement of catalyst in the reactor, to exploit the potential of the membrane
reactor.

4. Test the reactor configurations with respect to a variety of operating
parameters in an attempt to better understand how the reactors work and to
attempt to find “optimal” operating conditions where conversion, selectivity
or yield is maximized.

5. Comparison of membrane reactor results to those of conventional flow

reactors when applicable.

1.5 Structure of the Thesis

This thesis has three major sections. The first section is introductory and background
material and consists of the introduction (Chapter 1) and the literature review (Chapter 2).
The literature review focuses on the two major topics in the thesis: ODHD of propylene
and inorganic membrane reactors. The second section describes the design and
development of the experimental equipment. Chapter 3 is devoted to the experimental
equipment (excluding the membrane reactor), the analysis equipment and method, and
the experimental protocols used for reaction testing. Chapter 4 is devoted to the design
and construction process for the membrane reactor itself. Chapter 5 is a short chapter

containing a discussion of one of the key safety aspects of this project.

The third major section is used to describe and discuss reaction tests. There are three
chapters in this section. Chapter 6 is dedicated to reaction testing of the membrane
reactor without any catalyst - blank testing. Chapter 7 is a very extensive chapter which

discusses ODHD of propylene with a bismuth oxide catalyst. Aspects of the ODHD
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reaction over this catalyst are discussed as well as performance of a tubular flow reactor
and the membrane reactor in carrying out the reaction with the bismuth catalyst. Chapter
8 is a much shorter chapter describing reaction testing using indium oxide as the catalyst.
This testing was carried out to demonstrate some aspects of membrane reactor operation
that could not be adequately demonstrated with the bismuth oxide catalyst. The thesis is
concluded with a brief chapter covering the key conclusions and recommendations drawn

from this research effort.
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Chapter 2

Review of the Literature

This literature review is divided into two distinct sections addressing the two key aspects
of the research project: oxidative dehydrodimerization of propylene and inorganic
membrane reactors. In addition to serving as a survey of the relevant literature in each of
these areas this chapter also serves to highlight and discuss some topics that provide
important technical and scientific background information, but that are not explored
further in the research. This type of discussion is most prevalent in the information

surrounding ODHD of propylene.
2.1 Oxidative Dehydrodimerization of Propylene

There have been two relatively comprehensive reviews of the literature in the field
published in the last twenty years. The first review by Mamedov (1981), originally
published in Russian, covers work to that date and puts a greater emphasis on work being
carried out by the author and his co-workers in the Soviet Union. The second review is
one chapter in a larger review of oxidative coupling of hydrocarbons by Sokolovskii and
Mamedov (1992). This review covers some extra key material published after the first

review and provides a more balanced and complete approach to the subject.

The first appearance of the study of the oxidative dehydrodimerization of propylene in
the literature occurred in the American patent literature. These patents were filed in the
late 1960’s and were granted in the early 1970’s. The patents were assigned to Allied
Chemical Corp. (Greene et al. (1970)), Dow Chemical (Friedli (1970, 1973)), Gulf
Research and Development Company (Bozik et al. (1973a, 1973b)), Atlantic Richfield
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Company (Lipsig (1971), D’ Alessandro and Mitchell (1974)) and Standard Oil Company
of Ohio (Jones (1974)).

Academic papers began to appear shortly after the initial patent applications detailing
catalyst testing and development efforts. Catalyst development and study of the kinetics
of the reaction were the main thrust of work on this reaction through to the mid-1970’s.
From that point until the early to mid-1980’s efforts were applied to determining and
modeling the reaction kinetics and reaction mechanism over the most favourable
catalysts. However, by 1987 there was almost no new work on the topic being published.
In fact since that time only 4 papers have appeared. This decade long void is due to the
fact that the reaction had run its course of study. Catalysts had been thoroughly
investigated to see if commercial advantage seemed feasible - it did not. The academic
aspects of the reaction (kinetics, mechanism, surface aspects of the catalyst) have been
covered in some depth and other more potentially commercially viable challenges

confronted researchers in these areas.

The previous statements beg the question: “Why study this reaction further?” The
answer is two fold. There are some academic aspects of the reaction that are either not
well elucidated or are ignored in the open literature. In addition there are some reactor
engineering approaches to the problems that have not been tried that may make the
reaction more feasible, even though it seems that catalysis has taken the problem as far as

it will go.

The following sections outline the key aspects of the existing literature on ODHD of
propylene. They also include some discussion on how or why the existing information is
incomplete and/or insufficient. From the presented information, key aspects of the

ODHD reaction that are important to the present research are described.



2.1.1 Catalysts

Both homogeneous and heterogeneous catalysts exist for dimerization of propylene. The
homogeneous catalysts are organometallic, liquid phase or gel-immobilized catalysts, the
most successful of which are nickel-based materials. The review by Pillai et al. (1986)
covers this material in great depth. This type of catalyst, however, is not an oxidative
dimerization catalyst. These catalysts do not employ oxygen in the reaction and
generally do not produce hydrogen. What they do produce is mostly branched six carbon
olefins. The selectivity to linear olefins is low and the selectivity to 1-hexene is
extremely low. Although this type of process does not meet the goals set out for this
research, it does have practical uses. [FP’s Dimersol process (and other similar
processes) are used for dimerization and oligimerization of mixed olefin streams to make

high octane blending streams for gasoline (Andrews and Bonnifay (1977)).

Successful ODHD of propylene is carried out as a gas phase, heterogeneously catalyzed
reaction. With only rare exception the catalysts are metal oxides or mixed metal oxides.
These rare cases have involved the use of a molten mixture of tin and bismuth metal as
the catalyst (Jones, 1974), reaction over solid sodium bismuthate (Lipsig, 1971) and
reaction over a supported silver catalyst (Vermel’ et al., 1973). Although patents were
filed for two of these three processes, there is no further evidence of development on any

of these three options.

The results of the screening of a large number of single metal oxides as potential
catalysts for ODHD of propylene are presented in the early patent literature and a handful
of key academic papers. Table 2.1 outlines the single metal oxides that have been tested,
test temperature, selectivity to the various products and the source of the information.

The materials are grouped into three categories based on the relative acid characteristic of
the surface of the material. In Table 2.1 the classification of the degree of acidity of the
metal oxide is based on metal ion electronegativity, X;, as per Seiyama et al. (1972a).
Acidic oxides have values of X; > 10 and basic oxides are those with X; < 6.5.

Amphoteric oxides are electronegativity values between acidic and basic values.
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Table 2.1 - Single Metal Oxide Catalysts for ODHD of Propylene

Oxide Temperature | Selectivity | Selectivity | Selectivity | Reference
to COy to acrolein | to Cg
products

ACIDIC
MoQ; 500°C 76.4 25.1 0 Seiyama et al. (1972a)
Sb04 500°C 63.3 16.3 0 Seiyama et al. (1972a)
V205 500°C 81.8 14.2 0 Seiyama et al. (1972a)
TiO, 500°C 85.8 12.0 0.3 Seiyama et al. (1972a)
Fe O3 500°C 86.9 12.2 trace Seiyama et al. (1972a)
Si0, 500°C 46.7 8.6 trace Seiyama et al. (1972a)
WO; 500°C 90.0 6.3 0.9 Seiyama et al. (1972a)
AlLO; 500°C 38.5 42.1 0 Seiyama et al. (1972a)
AMPHOTERIC
ZnO 500°C 49.2 0.5 48.2 Seiyama et al. (1972a)
Bi>O3; 500°C 89.4 0 9.6 Seiyama et al. (1972a)

575°C 28 0 72 Bozik et al. (1973b)
In,O3 * | 500°C 93.4 0.8 4.1 Seiyama et al. (1972a)

500°C 34 0 63 Trimm & Doerr (1970)
SnO, * 500°C 91.5 3.2 2.5 Seiyama et al. (1972a)
Ga,0; 500°C 83.9 0.9 2.0 Seiyama et al. (1972a)
PbO 493°C 24 0 76 Greene et al. (1970)
Cdo 500°C 98.5 0.8 0.1 Seiyama et al. (1972a)

650°C 30 0 70 Greene et al. (1970)
T1LO; 520°C 22 0 78 Trimm & Doerr (1970)

500°C 41 0 59 Greene et al. (1970)
BASIC
CuO * 500°C 92.5 3.8 0 Seiyama et al. (1972a)
Co304 * | 500°C 96.2 2.2 0 Seiyama et al. (1972a)
NiO * 500°C 75.7 2.3 0 Seiyama et al. (1972a)
MnO; 500°C 97.5 0.7 0 Seiyama et al. (1972a)
Cr;03 500°C 69.3 2.1 4.0 Seiyama et al. (1972a)
GeO, 500°C 99.9 0 0 Seiyama et al. (1972a)
CaO 500°C 86.5 0 0 Seiyama et al. (1972a)
MgO 500°C 94.0 trace 0 Seiyama et al. (1972a)
CeO, 500°C 94.0 trace 0 Seiyama et al. (1972a)

* = very active

Cs products include both 1,5-hexadiene and benzene
If the sum of the selectivities does not equal 100 (as in Seiyama et al. (1972a) in
some instances) it is indicated that other products, “ethylene, acetaldehyde ard so

on”, were formed.
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The work by Seiyama et al. (1972a) was done under a set of standard conditions (feed
stream composition of 9% propylene, 18% oxygen, balance inert; reaction run to give
25% conversion of propylene) which were certainly not optimal for high selectivity for
non-combustion products. That is why the results in some of the other references look so
good in comparison. However, what the Seiyama work gives is a consistent reference
point and it is still very clear what some of the key characteristics of a good catalyst
should be. Examination of Table 2.1 indicates that the amphoteric oxides provide the
highest selectivity towards dimerization products. Carbon oxides, as a result of deep
oxidation are also produced, but some combinations of catalyst and operating conditions
can give selectivity to C¢ hydrocarbons approaching 100%. Basic catalysts primarily
produce deep oxidation products (CO; and H;0). Acid catalysts tend to form acrolein as
the primary hydrocarbon product. Other oxygenates including acetaldehyde are formed
in smaller amounts. In addition the acid catalysts tend to promote cracking of propylene
to produce methane, ethylene and ethane and the resultant formation of carbonaceous
deposits (coke) on the catalyst. Some explanation of how surface acidity affects the
interaction of reactants and products with the surface, and thus determines product

composition, is given in the discussion of the reaction mechanism.

Discussions of the important characteristics of a catalyst for the ODHD of propylene
appear in Mamedov (1979, 1981, 1984), Sokolovskii and Mamedov (1992) and Seiyama
et al. (1972a). These authors focus on three key properties. The first property, as noted
above, is the acid/base nature of the surface. Increased acidity will increase the strength
with which the olefin will be attracted to the acid centre on the catalysts. A very strong
attraction will mean that the resulting surface species will have limited mobility and this
in turn will decrease the likelihood of recombination to form dimers. Thus a strongly
acid surface is not desired, but a surface which has some basic characteristics would be
better. That is a surface that is weakly acidic, amphoteric or weakly basic is best. Hand
in hand with the strength of an acid centre is the nucleophilic nature of the adjacent
oxygen ions. These ions must be nucleophilic enough to remove a proton from the
adsorbed olefin, but not so nucleophilic that the proton cannot be subsequently easily

removed as the site is re-oxidized. A slightly basic characteristic is required, but it
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cannot be too strong. Again, amphoteric oxides provide the correct balance of
characteristics. Sokolovskii and Bulgakov (1977) refer to oxides having “optimum

nucleophilicity” as being the best for promoting dimerization.

The second characteristic is a n-type rather than p-type semiconductive nature. The
electron donating nature of propylene and the ease with which electrons can move within
an n-type semiconductor mean that this type of oxide has a greater affinity for propylene
than oxygen and thus the propylene to oxygen ratio at the surface will be higher. This
higher ratio should decrease the selectivity to complete combustion. One notable
exception is Bi;O3 which is a p-type semiconductor. White and Hightower (1981) have
investigated the electrical properties of bismuth oxide as they relate to the ODHD of
propylene. They concluded that Bi,Oj3 takes on some n-type characteristics under

reaction conditions.

The third characteristic is relatively high strength of oxygen bonding to the surface of the
catalyst. It must be noted that there is a somewhat blurry line between oxygen atoms
which are part of the metal oxide lattice and oxygen atoms or O, which are chemisorbed
on the surface of the catalyst. Weakly held oxygen is easily converted into CO, and
hence decreases selectivity to the desired product. The mixed Bi-Sn oxide catalysts have
a stronger oxygen bond than Bi;O; and hence have a higher selectivity to hydrocarbon
products (Mamedov and Pankrat’ev (1982)). On the surface of these active, selective
catalysts under steady-state reaction conditions all of the “loosely” bonded surface
oxygen has been removed and it is only the strongly chemisorbed/lattice oxygen that
participates in the reaction. Gamid-Zade et al. (1979) determined for Bi;Sn,05 that under
normal reaction conditions the extent of surface reduction is approximately 70-80% and
the remaining oxygen has a bond strength (uniform) of ~377 kJ/mol. A fully oxidized
surface is characterized by the presence of surface oxygen with a bond energy of ~209

kJ/mol.

A fourth property that is sometimes alluded to but rarely noted as extremely important is
the specific surface area of the catalyst. This property concerns the bulk structure of the
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catalyst rather than detailed electronic or catalytic properties of the atoms on the catalyst
surface. As such it has tended to be ignored or downplayed in studies of catalysts.
However it can play an important role in the effectiveness of the reaction and hence must
be considered. Effective ODHD of propylene catalysts generally have very low specific
surface areas (< 1 m%/g). Propylene, and in particular, surface activated propylene
radicals are substances that are very susceptible to chemical attack. High surface area
materials have very extensive and fine pore structures that can trap propylene for
extended periods (this is really an internal mass transfer problem) and greatly increase the
likelihood of conversion to coke or oxidation products. The analogy also applies to the
products of the dimerization reaction, particularly 1,5-hexadiene. It is a “less stable”
compound than propylene and is more readily converted to undesired products. In
addition it is a larger molecule than propylene and will suffer from even greater diffusion

problems in very small pores than will propylene.

The preceding discussion is based primarily on single oxide catalysts. However, the
important characteristics of the catalysts can be applied equally well to catalysts with
more than one component. Tailoring of the properties of successful single oxide catalysts
by addition of other components was the route that investigators took in trying to find
more successful catalysts. Mixing of two oxides was the most popular and fruitful
method for investigating more complex catalysts. It all cases the materials are either

unsupported catalysts or are supported on very low surface area carriers.

Early work on mixed oxide catalysts is disclosed in a patent by Friedli (1970) where a
supported manganese/sodium oxide catalyst is used. Investigation of bismuth-
phosphorous catalysts and a variety of catalysts using bismuth oxide combined with
another oxide are first described by Seiyama et al. (1970). A full disclosure of these
results is given by Seiyama et al. (1972b). This paper serves as the first and perhaps most
wide ranging study of mixed metal oxide catalysts for ODHD of propylene. They studied
bismuth oxide in a variety of mixtures and tin (IV) oxide in a variety of mixtures as

follows:



a) B1,0; - MOy
where MOy = Mo0Oy, TiO,, NiO, Sb;04, SiO,, Fe 03, Al;O3, CdO

b) SnO; - MOy
where MO, = Li,0, Na;0, K0, MgO, Ca0, BaO, P,0s, As;0s,
Sb204, M003, WO3

The most promising of the group was the Bi-Ti catalyst.

Disclosures in the American patent literature by Bozik et al. (1973a, 1973b) continued
the investigation of Bi-Ti catalysts as well as some mixed oxides of bismuth and either
iron, zirconium or tin (Bozik et al. (1973a)). They found that the bismuth-titanium
catalysts performed marginally better than the other mixed oxide catalysts. However,
even though the Bi-Ti catalysts performed well, they presented no significant advantages

over Bi,0; alone.

In 1974 Vaabel’ et al. (1974b) carried out further testing of Bi-P catalysts to determine if
the ratio of metals affected catalyst performance. A patent (Vaabel’ (1974a)) was granted
based on this work. In the same year, Seiyama et al. (1974) tested the Bi,O3-SnO,
catalyst with Bi/Sn = 1. This catalyst was to become the most popular mixed oxide
catalyst for ODHD of propylene and the one by which other catalysts could be judged.
Solymosi and Bozsé (1977) confirmed the effectiveness of this catalyst and determined
that a new and active component, Bi;Sn,05, was responsible for the activity of the

catalyst.

Mamedov et al. (1978) tested a series of mixed oxides containing tin (IV) oxide to
determine the effect of surface acidity on the ODHD reaction. The study was very
similar in nature to the study of Seiyama et al. (1974), although for the most part a

different set of second oxides were used. In this case the systems were
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SnO; - MOy
where MOx = TiOz, Bi203, In203, Cl'203, PbO, CdO, ZnO, V205, Sb204,
MOO3

This research group came to the same conclusion that Seiyama et al. (1974) and Solymosi
and Bozsé (1977) had, namely that the bismuth-tin oxide was the best mixed oxide
catalyst. Subsequently this group carried out an extensive study of the catalyst and its
characteristics and published numerous papers in both English and Russian. It must be
noted that several of the papers appeared in very similar form in both languages.

However, the key papers involve the study of:

a) experimental kinetics (Mamedov et al. (1979), Gamid-Zade et al. (1979))

b) kinetic model (Mamedov et al. (1978a))

c) reduction and re-oxidation of the surface of the catalyst (Mamedov et al.
(1981))

d) bond energy of the surface oxygen (Mamedov and Pankrat’ev (1982))

e) reaction mechanism (Mamedov (1984))

Work on catalyst development for ODHD of propylene has slowed dramatically in the
last 15 years. All work has been focused on development of mixed oxide catalysts and
since 1984 only five papers have been published on the topic. Di Cosimo et al. (1986b)
investigated the use of a Bi;03-La;0s catalyst that served as both catalyst and dense
oxide conductor membrane. This work will be discussed in greater depth later in this
chapter when the topic of membrane reactors is covered. The researchers patented this
work (Di Cosimo et al. (1986a)). Azgui et al. (1995) duplicated the work of Di Cosimo
et al. (1986b) and found slightly different results. Wang et al. (1988, 1989) investigated
bismuth-cerium catalysts and found that a Bi/Ce=1 atomic ratio gave the best catalyst, but
that it was still outperformed by the Bi-Sn catalyst with which it was compared.
Ramaroson et al. (1992) studied mixed bismuth-zinc oxide catalysts. They determined

that for these catalysts the highly selective, active species is Bis3ZnO7;. Under optimum
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conditions (very high propylene:oxygen in the feed) the catalyst gives 64% selectivity to

1,5-hexadiene.

Although the use of mixed oxide catalysts have produced catalytic materials that perform
better than the best single oxide catalyst, bismuth oxide, the improvements have not been
dramatic. The enhancements come mainly from adjusting the bond strength of the
oxygen bonds under reaction conditions and from altering the acid/base characteristics of
the surface to an “optimum” level. It seems apparent, at least to this author, that gains in
catalyst productivity or selectivity may not arise from a new catalyst, but rather from
alternate utilization of existing catalysts. This line of thinking leads to the use of
membrane reactors for carrying out the reaction. At the outset of this project, one of the
goals involved supporting catalysts in the pores of a porous membrane. Since it was not
clear that a mixed oxide material could be formed and then supported in the pores of a
membrane, the decision, early in the project was made to avoid the use of mixed metal

oxide catalysts.
2.1.2 Reaction Mechanism

In the simplest form the reaction that occurs to form dimers of propylene is a reduction-
oxidation (redox) mechanism that takes place on the surface of the catalyst. It is the
lattice oxygen (or tightly bound surface oxygen) that is directly involved in the
hydrocarbon activation and subsequent formation of water. Gaseous oxygen then re-
oxidizes the reduced catalyst surface. Since it is the lattice oxygen of the metal oxide
which interacts with the hydrocarbon, numerous researchers have investigated using
metal oxide as both catalyst and oxidant. That is, the reaction occurs in the absence of
gaseous oxygen and then the catalyst is regenerated in either a separate step or a separate
vessel in the presence of gaseous oxygen but the absence of hydrocarbon. Swift et al.
(1971) using Bi,03, Solymosi and Bozsé (1977) with a Bi-Sn catalyst, and Kaliberdo et
al. (1979) with TiO,, SnO; and Bi,O; are all example of researchers having taken this
approach. From an understanding of the reaction mechanism it is clear why this

approach can be successful in some cases.
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Researchers have proposed reaction mechanisms for a variety of catalysts. Trimm and
Doerr (1971, 1972) for T1,0; and In,03, Solymosi and Bozs6 (1977) for SnO;, Seiyama
et al. (1974) and Mamedov (1984) for Bi>03-SnO, catalysts, and White and Hightower
(1983) for Bi,O; have all proposed mechanisms. Although there are small differences in
the mechanisms, all the authors agree on the basic steps. The generally agreed upon

mechanism, as illustrated using bismuth oxide, is as follows:

1. Adsorption of propylene on a metal cation on the catalyst surface. Depending
upon the catalysts and the available oxidation states of the metal, the two
necessary propylene molecules may adsorb on the same metal site or on adjacent
sites, and if they adsorb on the same site the adsorption may be sequential or
simultaneous. Since this is not the rate determining step, it is difficult to
discriminate between possible mechanisms in some cases. For indium (III) oxide,
thallic oxide and bismuth oxide, the available oxidation states are M™ and M™%
so both propylene molecules must adsorb on the same metal site (presumably
relatively simultaneously). The metal centre (cation acting as a Lewis acid site)
attracts electrons from the propylene n-bond and the nucleophilic O% adjacent to

the metal ion attracts a hydrogen of the carbon in the a position to the double

bond. This step is shown in Figure 2.1.
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Figure 2.1 Formation of Surface n Complex

As the nucleophilic oxygen attracts the proton from the adsorbed propylene
molecule, the C-H bond is cleaved and the result is a surface hydroxyl group and
an absorbed carbanion. The breaking of the C-H to form the absorbed carbanion
is generally agreed to be the rate determining step in the reaction as demonstrated
by Driscoll and Lunsford (1983). The carbanion very quickly transfers an
electron to the metal cation (actually in the pictured scheme both propylene
molecules must transfer an electron at the “same” time since the only stable
oxidation states for bismuth are Bi** and Bi’*) to become an absorbed allylic

radical. This step is shown in Figure 2.2.
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Figure 2.2 Formation of Surface Allylic Radicals
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3. The combination of the allylic radicals (head to head) to form 1,5-hexadiene can
theoretically happen in a number of ways. The simplest way to is combine on the
catalyst surface and then desorb as 1,5-hexadiene. It has also been suggested that
the radicals can desorb and recombine in the gas phase to form the diallyl. There
is some evidence that this homogeneous radical reaction can occur over Bi;O3
(Martir and Lunsford (1981)). The degree to which it will occur is dictated by
operating conditions and the presence or absence of free gas volume. A closely
packed reactor (especially with quartz chips as inert packing) almost completely
eliminates the free radicals from the gas phase. It is also possible that the free
radicals undergo propagation reactions producing, in particular, allylperoxide
radicals from which partial oxidation products result. The production of free
radicals becomes more pronounced at temperatures greater than 550 °C as the

bond between the surface and the adsorbed radicals weakens.

4. Two surface hydroxyls will react to form water, which is rapidly desorbed, and a
lattice vacancy. Gaseous oxygen will adsorb and be transformed to fill the

vacancy as follows.

e- B e- . 2e- 2 -
02 (gas) Oz (ads) ~ o2 (ads) 20 (ads) >20 (lattice)

Figure 2.3 Surface Re-oxidation

In so doing, the two electrons are drawn out of the 3+ bismuth oxidation state to

restore the 5+ oxidation state. The re-oxidation of the catalyst is a very rapid step.

Although the preceding example of the reaction mechanism involves both propylene
molecules adsorbing and reacting on one metal cation site, it is possible with different
catalysts that the adsorption of the two molecules may occur on different sites. It is also
possible that an adsorbed radical will interact with a gas phase propylene molecule to
produce diallyl (Mamedov et al. (1978a)).
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It must be noted that this general mechanism is not very different from the proposed
mechanisms for partial oxidation of propylene to acrolein and ammoxidation of
propylene to acrylonitrile. The catalysts for these reactions are also mixed metal oxides
often containing bismuth. The primary difference is that the partial oxidation reactions
occur on the more acidic metal centres of the partial oxidation catalysts. In the partial
oxidation case, the acid sites are considered to be Lewis acids (electron acceptors). The
stronger Lewis acid centres will cause the electron rich n-bonded propylene to lose two
electrons to form a positive ion (instead of the anion to radical mechanism of
dimerization). The positively charged propylene undergoes the same nucleophilic
attraction to a neighbouring O that the proton of the a-carbon did in the dimerization
case and in this case an oxygenated product (primarily acrolein) is formed. The

importance of the acid-base nature of the surface is plain.

It has been postulated, particularly by Trimm and Doerr (1972), that benzene, as the other
primary dimerization product, is formed from 1,5-hexadiene in a very similar fashion to
the original production of the dimer from propylene. The diene would adsorb on a fresh
active centre in a bidentate fashion with each of the terminal double bonds donating an
electron to the metal. A cyclic C¢ molecule, 1,3-cyclohexadiene, would be formed. It is
also possible to form 1,3,5-hexatriene at this stage which is quickly, thermally converted
into the cyclic diene (Lewis and Steiner (1964)). Finally the cyclic diene will interact
with a new active site, where two more hydrogen atoms are removed and benzene is
formed. No large quantities of 1,3-cyclohexadiene are ever reported in ODHD of

propylene tests. Benzene is a much more stable product.

There is much less written in the literature on the mechanism for the formation of carbon
oxides, mostly carbon dioxide, over ODHD of propylene catalysts. Mamedov et al.
(1979) suggest that carbon dioxide is produced from propylene on a second type of active
centre that involves loosely bound atomic oxygen and/or gaseous oxygen. It is suggested
that the propylene is converted to carbon dioxide very rapidly through intermediate
compounds of the carbonate-carboxylate type. However, other work from this research

group, Gamid-Zade et al. (1979), indicates that the selectivity to CO; varies little as the



surface is reduced. If the surface is being reduced one would expect that the weakly
bonded oxygen is disappearing and hence the selectivity to CO2 should drop
dramatically.

In their work on bismuth oxide and mixed bismuth oxides Kaliberdo et al. (1979) note
that some of the product CO, must be the result of conversion of the dimer product.
White and Hightower (1983) experimented with carbon-13 labeled propylene and
unlabelled 1,5-hexadiene using oxygen-free pulse experiments over Bi,Os. They
determined that the hexadiene:propylene combustion ratio was 2.22:1. Although this
makes it clear that hexadiene is likely the source of a portion of the carbon dioxide in the
product (>80% in this case), it does not really suggest a mechanism or predict how the
reaction would occur in the presence of oxygen. They are able to come to no other
conclusion except that CO, is formed as a result of “series-parallel reaction pathways

involving propylene and all other hydrocarbon products”.
2.1.3 Kinetic Models

A variety of kinetic models for the ODHD of propylene have been proposed by
investigators for a number of catalysts. Swift et al. (1971) and Trimm and Doerr (1972)
have used power law expressions. Several Langmuir-Henshelwood type schemes have
also been proposed. Seiyama et al. (1974) proposed a mechanism for a Bi-Sn catalyst
that assumed the surface dimerization reaction to be rate limiting and only considered

adsorption of propylene on the surface. The expression takes the form of equation 2.1.

KP 2
r=k[1+KP] 2.1)

where P is the partial pressure of propylene

Trimm and Doerr (1972) suggest a dual site mechanism for indium oxide in which two

propylene molecules adsorb simultaneously on one site and dissociative oxygen



adsorption occurs on a different site. The reaction is inhibited by both diallyl and

acrolein (another product on In,O3). This expression takes the form:

s K,C, N K,C,
e - 2.2)

where the subscripts P, H, A and O represent propylene, 1,5-

hexadiene, acrolein and oxygen respectively

Although this is the expression Trimm and Doerr present, it must be noted that the
Langmuir-Henshelwood expression for reaction between two adsorbed propylene
molecules and one dissociatively adsorbed oxygen atom dictates that the oxygen term

(fractional surface coverage by oxygen, 6¢) should be as follows.

el St dminied

g -| VEoCo 53
* T (1+K,C,) 23)

No explanation for this apparent discrepancy is provided.

TR I rire

Mamedov et al. (1978b) suggest a mechanism for a Bi-Sn catalyst whereby oxygen and
propylene adsorb competitively on the same site and the rate limiting reaction occurs

between adsorbed propylene and gaseous propylene. This scheme takes the form:

L rek (KPCP)Z 2.4)
1+K,C, +{K,C, )

Mamedov later extended this work (Mamedov et al. (1979)) to consider that the reaction
occurs primarily on a highly reduced surface so that the adsorption/reaction of oxygen
and the surface is very rapid and that the propylene is adsorbing onto a sort of composite

site which is made up of the surface metal site and an absorbed or lattice oxygen (M-O).
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The authors do not consider the kinetic model to be of the Langmuir-Henshelwood type.

The model is:
2
r=k'k“[———. Cp . ] 2.5)
o

White and Hightower (1983) developed a L-H model to best fit their data for ODHD of
propylene using Bi;O; as a catalyst. The model that best fit the data is a triple site

competitive adsorption model in which oxygen is associatively adsorbed.

. k[( (K,C.) KoCo )3J 06

1+ K,C, +K,C,

The authors clearly recognized that this model has a number of shortcomings, the primary
one being the associative adsorption of oxygen. They found, however, that none of the
models that considered dissociative adsorption of oxygen fit their data as well as the
model based on molecular adsorption of O,. It must be noted that they used the rate of
oxygen consumption as the rate they modeled. Since oxygen reacts in at least two
reactions (dimerization and propylene combustion) and likely many more (oxidation of
hydrocarbon products), it seems unwise to try to model its consumption this way. This
model seems to assume a single reaction and this is likely why the model does not seem

logical.

White and Hightower also fit their data to a Mars-van Krevelan model and found
significant scatter in the data. On this basis they tended not to favour this model. It
should be noted however that the selection of exponents for propylene and oxygen are
never explained and that, as before, the rate modeled was the rate of oxygen

consumption.
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It is widely accepted that the ODHD of propylene proceeds through an adsorbed allylic
complex and that the rate determining step is a surface reaction involving the allylic
complex (formation or conversion). Spectroscopic evidence has proven that the n-allyl
complex is formed on the surface. Further work by Driscoll and Lunsford (1983) also
showed that allyl radicals were formed on the surface of a Bi,Oj3 catalyst. Within this
framework any or all of the above models may be valid. Their validity depends on how
one considers the allylic reaction step(s) to have occurred and on how one interprets the
interaction between oxygen and the surface. In the end, all of these models can be
appropriately reduced to generally explain the experimental data which typically shows a
positive order of reaction with respect to propylene and a slightly positive to slightly
negative order for oxygen. However, the reader must be cautioned that some of the
hydrocarbon products, notably 1,5-hexadiene, are very susceptible to oxidation. At
higher levels of conversion it may be that the oxidation of 1,5-hexadiene is significant
and that that reaction partially hides the true kinetics of the dimerization reaction. It is
difficult or impossible to discern from the information presented in the literature the

concentration of 1,5-hexadiene in the reactor during these kinetic tests.

The development of kinetic models for the complete combustion of propylene in these
systems has been much less rigorous. One of the key problems is that many forms of
hydrocarbon (propylene, products and surface intermediates) and oxygen (gaseous,
adsorbed and lattice) can participate in the combustion reaction. This problem often
makes it very difficult to know how to model CO, formation. Should one try to model it
as purely combustion of propylene (the simplest approach) or should a more elaborate
reaction network be utilized? Since the reaction has not found industrial favour and there
has not been the need to precisely understand exactly how combustion is occurring, the
simplest methods have in the past been selected. The kinetic model, if one is presented in
the literature, is generally given as a power law expression or a very simple Langmuir-
Henshelwood type expression (Mamedov et al. (1978a)). These models, although simple
and in this author’s opinion incomplete, have helped to elucidate some of the important
points about combustion during the ODHD of propylene. It is recognized that factors

such as high surface area or diffusion limitations promote complete combustion and
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hence are deleterious to diallyl selectivity. It is also clear that increasing the

concentration of oxygen more readily promotes combustion rather than dimerization.

2.2  Inorganic Membrane Reactors

There have been 4 comprehensive reviews of this topic in the literature in the last 8 years:
Armor (1989), Hsieh (1991), Saracco and Specchia (1994) and Zaman and Chakma
(1994). These reviews cover methods of construction and characterization of membranes
as well as reactor applications for both dense and porous membranes. In addition Hsieh
(1991) and Zaman and Chakma (1994) cover modeling of membrane reactor systems. A
recent monograph, by Bhave (1991), has excellent chapters on synthesis and

characterization of inorganic membranes and a chapter on inorganic membrane reactors.

The review of the literature contained in this thesis will be less comprehensive and will
focus on inorganic membrane reactor applications with particular emphasis on porous
membranes. Some of the literature cited covers topics such as construction and
characterization of membranes and modeling of membrane reactors will be cited, but the
reader is referred to any of the above mentioned review sources as a starting point for

finding additional information.

2.2.1 Dense Membranes

As noted in Chapter 1 dense membranes allow the permeation of only one species. In
practice only two components are usually permeated through dense, inorganic

membranes: hydrogen or oxygen.

Applications involving hydrogen, either selective hydrogenation or dehydrogenation
(including decomposition reactions that produce hydrogen), are carried out, with rare
exception, using palladium or palladium alloy membranes. The use of palladium alloys
is favoured because repeated adsorption and desorption of hydrogen from palladium

makes the metal very brittle. This topic has very important industrial ramifications and is
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presented here for sake of complete coverage of the area of inorganic membrane reactors.
However, it does not have any direct bearing on the research undertaken in this thesis.

As such only a limited number of examples will be presented along with a brief
discussion of the state of the art and some of the challenges that will need to be overcome
for this type of application to have commercial success. For a much more detailed review
of the topic readers are referred to the papers by Shu et al. (1991) and Saracco and
Specchia (1994), both of which cover the subject in considerable depth.

Popular and practical applications of palladium based reactors are the hydrogenation of
unsaturated aliphatic and cyclic hydrocarbons. For example Gryaznov and Slin’ko
(1981) investigated hydrogenation of acetylene to ethylene, Gryaznov et al. (1973)
studied hydrogenation of benzene to cyclohexane, Ermilova et al. (1985) and Gryaznov
and Slin’ko (1981) have studied hydrogenation of 1,3-cyclooctadiene to cyclooctene and
Nagamoto and Inoue (1986) investigated 1,3-butadiene hydrogenation to butene. There
are several other examples but the important features of all are as follows. The reactions
generally occur at low to moderate temperatures (<350°C), there is no back permeation
of any of the species since the membrane is permeable only to hydrogen, and the
membrane serves as both selective barrier and as catalyst. This technology could also

potentially be used to selectively convert 1,5-hexadiene to 1-hexene.

Dehydrogenation reactions or decomposition reactions in which hydrogen is a product
have also garnered much attention. Itoh (1987) studied cyclohexane dehydrogenation to
benzene while Gobina and Hughes (1994) and Gobina et al. (1995) have studied ethane
dehydrogenation to ethylene and Sheintuch and Dessau (1996) have investigated propane
and isobutane dehydrogenation. Uemiya et al. (1991a) investigated steam reforming of
methane (hydrogen product) and Uemiya et al. (1991b) looked at the water-gas shift
reaction, another hydrogen producing, equilibrium-limited reaction. All of these
examples use a separate catalyst packed inside the tube of the reactor. The reactors all
have a shell and tube configuration where hydrogen permeates out from the tube side to
the shell side of the reactor and is carried away by a purge stream flowing in the shell.
With the exception of Itoh (1987) and Sheintuch and Dessau (1996) all the reactors have
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a very thin layer of palladium or palladium alloy supported on a porous substrate tube. In
this way the reactor combines the strength of the porous substrate with the increased
permeability of a very thin metal layer (<20 um). All of these examples were able to
increase conversion to some degree over the equilibrium limit at the operating

temperature.

An ingenious method of helping increase the rate of permeation across a palladium
membrane in a dehydrogenation reaction is to consume the hydrogen as it permeates
through the membrane. To this end the dehydrogenation reaction can be coupled with
either a hydrogenation reaction or an oxidation reaction (to produce water) on the other
side of the membrane. Not only is the hydrogen consumed, but heat is often provided to
drive the endothermic dehydrogenation reaction. A series of papers by Itoh and co-
workers (Itoh and Govind (1989), Itoh (1990), Zhao et al. (1990)) demonstrated
theoretically and experimentally that this approach would work for dehydrogenation of 1-
butene to butadiene coupled with hydrogen oxidation by air. Gobina et al. (1995)
demonstrate the same principle (both theoretically and experimentally) for the ethane
dehydrogenation to ethylene. Gobina et al. (1995) do point out, however, that the
enhancement of hydrogen flux, and hence increase in conversion of the dehydrogenation
reaction, is lower than predicted. The reason is that oxygen forms a palladium oxide
layer on the membrane which inhibits the hydrogen flux rate by preventing
recombination of permeated hydrogen atoms. In later work involving dehydrogenation of
butane in their membrane reactor Gobina and Hughes (1996) found that the palladium
oxidation problem could be eliminated by pre-reducing the membrane in hydrogen at

high temperature.

Palladium based dense membrane reactors are perhaps the most studied and developed
branch of the inorganic membrane reactor field. Work in the area has been on-going for
approximately 30 years and is showing great promise. At present the primary barrier to
achieving commercial success in this field is the low flux rates in such reacters. Very
thin metal films are required to give sufficient hydrogen flux, but the thinner the film the

greater the problems of construction and long term stability of the membrane, particularly
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for dehydrogenation reactions. For this reason researchers have turned away from using
metal foils and are developing membranes where the metal film is deposited on a porous
substrate. Shu et al. (1991) cite a number of construction methods that have produced
palladium films of thickness <0.1 pum, but the stability of such films is not known.

The rare exception, in the field of dense inorganic membranes, to the use of palladium
membranes for selective hydrogen flux is the use of very thin silica membranes. Gavalas
et al. (1989) describe the production of thin films of silica in porous VYCOR membranes
by reaction of SiH, and O; in the pores. The two reactants travel towards each other from
opposite sides of the membrane and react in a reaction plane. The reaction ceases when
the pores are completely blocked by the thin film formed by reaction. This type of
membrane has been used for dehydrogenation of isobutane (Ioannides and Gavalas
(1993)) and for dry reforming and partial oxidation of methane (Ioannides and Verykios
(1996)). However, like palladium membranes it suffers from very low hydrogen
permeability even though the selectivity for hydrogen is very high (H,:N; ~ 2000). In

addition the membrane is not stable in the presence of water vapour.

Dense membrane reactors based on the flow of oxygen through the membrane are more
limited in scope than those used for permeation of hydrogen. The only instances where
oxygen is produced and needs to be removed from a reaction involve very high
temperature decomposition of water (Cales and Baumard (1982)) and decomposition of
CO; to CO (Nigara and Cales (1986)). Rather, most applications involve the addition of
oxygen to a reaction. The field is even further limited by the fact that dense metal
membranes have not found application here. There are only two examples in the English
literature, Gryaznov et al. (1986) and Anshits et al. (1989), which describe the use of a
dense silver membrane. The membrane acts as both permeator for oxygen and catalyst
for reactions between oxygen and another component. Anshits et al. (1989) investigated
methane coupling while Gryaznov et al. (1986) studied oxidation of ammonia to N, and
NOy and oxidation of ethanol to acetaldehyde. In both studies the selectivity and yield to
the products is higher than if oxygen is co-fed.
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Solid oxide membranes such as yttria-stabilized zirconia (YSZ), calcia-stabilized zirconia
(CSZ), and magnesia-stabilized zirconia (MSZ) are well known oxide ion conductors. As
such they have been natural materials for oxide ion conducting membrane reactors. Both
the examples listed above ((Cales and Baumard (1982) and Nigara and Cales (1986))
used CSZ tubular reactors. The earliest example of a dense oxide conducting membrane
reactor for use in hydrocarbon reactions is given by Di Cosimo et al. (1986b) for the
ODHD of propylene, as mentioned earlier in this chapter. A Bi,03-La,0; catalyst was
used as a membrane in disk form with oxygen containing gas fed to one side of the
membrane and propylene containing gas fed to the other side. Although propylene
conversion is low (3.2%) the selectivity to dimers is 78% which is significantly higher
than the 39% experienced in this system when oxygen and propylene are co-fed. The
authors clearly indicate that the lattice oxygen plays the primary role in the selective
oxidation and that the flux of oxygen is the limiting step for this system. Azgui et al.
(1995) attempted to duplicate these results but found much higher conversion of
propylene with a somewhat lower selectivity. They also found that activity declined
somewhat with time on stream. Closer examination of their membrane after reaction
indicated that the membrane had micron size pores and cracks on the surface and the
authors surmised that the much higher conversion rate was due to molecular diffusion of
oxygen through these imperfections. This study clearly shows how difficult, yet how

important, is the construction of defect free and stable membranes.

Within the patent literature Hazbun (1988, 1989) discloses membrane reactor systems
that consist of a thin dense YSZ layer, doped with CeO, or TiO,, to help increase the
oxide conduction characteristics supported on a porous oxide conductor (YSZ). Catalysts
for various reactions are supported in the pores of the porous layer. Claims are made that
this membrane reactor (with the appropriate catalyst) can be used for oxidation of
ethylene or propylene to their respective oxides, oxidative dehydrogenation of 1-butene
to butadiene, and oxidative coupling of methane (OCM). The results given in the patents

seem to be very promising, but there has been no further published work.



All other published information on dense oxide conducting membrane reactors have
involved reactions between methane and oxygen. A series of papers published by
Fujimoto and co-workers detail the development of lead oxide (PbO) dense membrane
systems for OCM. Omata et al. (1989) describe a PbO/MgO membrane supported on a
porous alumina tube. Nozaki et al. (1992) studied PbO-K;0 membranes supported on
dense oxide conductors (YSZ, MSZ, CSZ), bismuth based dense membranes supported
on silica-alumina porous tubes, and PbO-MgO membranes on porous alumina. They
found that the latter system still produced the highest activity and selectivity (>90% to
hydrocarbon products). The high activity is likely due to the fact that this system had the
Jowest resistance to oxygen transport (thin dense film, porous support). Nozaki et al.
(1993) and Nozaki and Fujimoto (1994) provide a more detailed evaluation of the
kinetics of the reactions and the role played by the transported oxide ions. They conclude
that the reactions are indeed limited by the rate of oxide ion conduction and that the
conduction can be accurately modeled. It is clear, however, that greater oxygen flux rates
will be necessary to facilitate their use on anything but a laboratory scale. Wang and Lin
(1995) have modeled OCM in a dense oxide membrane reactor assuming the catalytic
surface to have the same properties as a Li/MgO catalyst and have predicted that 70%
yields of C; hydrocarbons are possible. This value is well above the presently achievable

value of ~25% in a conventional reactor.

More recently Balachandran et al. (1995) have studied the use of Sr-Co-Fe-O and La-Sr-
Co-Fe-O dense membranes for partial oxidation of methane to synthesis gas. In this
study a rhodium based reforming catalyst is used. At admittedly low methane flow rates
the methane conversion is consistently in excess of 98% with approximately 90%
hydrogen atom selectivity to hydrogen and 92% carbon atom selectivity to CO. These

are very encouraging results.

As a final note on dense membranes it must be noted that oxide ion and proton
conductors have been more successfully used in fuel cell or electrochemical applications.
That is, in applications where transport is facilitated by an electromotive force (Eng and

Stoukides (1991)). This area of application of membrane reactors is not covered in this
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survey of the literature as the focus for this project is pressure driven transport of species
rather than EMF driven transport. For information on these topics readers are referred to
Saracco and Specchia (1994). Perhaps the primary drawback of dense membranes is the
low permeability they afford. Most often the reaction is limited by how much material
can be passed through the membrane. In cases of selective oxidation where a solid oxide
is acting as both membrane and catalyst, the limited flow of oxygen leads to over-
reduction of the oxide surface. The over reduction often leads to decreased catalyst

activity, further decreased flux, or both.

2.2.2 Porous Membranes

One natural way to overcome the low permeability of dense membranes is to use porous
membranes for membrane reactor applications. Whereas work on palladium membrane
reactors has received considerable attention over the past 25-30 years, work on porous
membrane reactors, with a few notable exceptions, has really only been in vogue for
about 10 years with many advances coming very recently. Unlike dense membranes,
porous membranes generally are permeable to more than one species. However, it is
usually only one species that is being preferentially added or removed. In almost all
cases this species is either hydrogen or oxygen, which is the same as for dense

membranes.

Research work to date has used porous membranes for the selective removal of hydrogen
from a reactor, but not addition of hydrogen. Early work by Kameyama and co-workers
on decomposition of H,S carried out with a VYCOR membrane (Kameyama et al.
(1981)) or a y-alumina membrane (Kameyama et al. (1983)) and Shindo et al. (1981) on
decomposition of HI using a porous VYCOR membrane indicated that conversions well
in excess of equilibrium conversion could be achieved if hydrogen could be selectively
removed from the reaction. The dehydrogenation of cyclohexane to benzene is a very
popular example. Shinji et al. (1982) studied the reaction using a VYCOR membrane
reactor with a P/Al>Oj3 catalyst and could achieve a 80% conversion of cyclohexane at

215°C and 1 atm. The equilibrium conversion at these conditions is approximately 35%.
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Itoh et al. (1988) carried out the same experiment at slightly lower temperatures and
found very much the same sort of results. Sun and Khang (1988) worked at 270°C and
1.9 atm feed pressure and tested the VYCOR membrane reactor in two configurations.
The first configuration had the Pt catalyst deposited in the pores of the VYCOR and the
second configuration had the untreated membrane packed with a PYVYCOR catalyst
(pellets). At high space times (long contact with catalyst - low flow rate) both
configurations had greater conversion than equilibrium (Ceq = 26%) with the first
configuration giving better results (C = 56%) than the second configuration (C = 40%).
At low space times conversions for both configurations were about the same as
equilibrium. This difference clearly points out that enough partial pressure driving force
must be present to help selectively remove one component. When the space time is low
and there is not enough extent of reaction to build up a sufficient amount of hydrogen in
the reactor, the hydrogen permeation rate is not large enough to significantly shift the

equilibrium.

Other popular and practical applications involving hydrogen removal are industrially
relevant hydrocarbon dehydrogenation reactions. The dehydrogenation of ethylbenzene
to styrene is an example. Wu et al. (1990) examined the reaction in an alumina
membrane reactor using a Fe;03/Al,03 catalyst and found that conversions could surpass
equilibrium conversion by 15-25% in the temperature range of 600-660°C. However,
coking was a problem and the steam added to help suppress coke formation caused the
pores of the multi-layer alumina membrane to grow. This growth increased permeability
but decreased selectivity of the membrane and hence decreased the conversion. Ethane
dehydrogenation has been shown to be possible in a Pt impregnated anodic alumina disk
membrane reactor (Furneaux et al. (1987)). This patent disclosure, however, is little
more than proof of concept. The research group at the University of Southern California
(USC) have carried out work using a multi-layer alumina membrane (Membralox). The
work began with a study of steam reforming of methane (Tsotsis et al. 1992, 1993) and
was expanded to include ethane (Champagnie et al. (1990,1992), Tsotsis et al. (1993))
and propane dehydrogenation (Ziaka et al. (1993a,b)). Patents were granted for the work
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on steam reforming (Minet and Tsotsis (1991, 1993)) and ethane dehydrogenation (Minet

et al. (1993)).

The studies for all three reactions were carried out to prove that the concept would work
and to identify the effects on the system of key variables such as temperature, reactor
pressures, contact time, reactor length and sweep (purge) gas ratio. In all three cases the
conditions tested were not representative of typical industrial conditions. The steam
reforming work, using a NiO on calcium aluminate catalyst in a packed bed in the
membrane reactor, proved that an increase in conversion of about 10% over the
equilibrium limit is possible but the tests were carried out at very high steam to methane
ratios. Ethane dehydrogenation was tested using two different catalyst configurations:
(1) Pt on alumina particles packed inside the membrane and (2) Pt supported on y-
alumina (membrane). The tests were carried out at relatively low conversion levels
(<15%) but the membrane reactor could produce conversions nearly double the
equilibrium limit with very high selectivity (98%+) to ethylene given the right conditions.
Propane dehydrogenation tests used only the packed, supported Pt catalyst and produced

results very similar to those of ethane dehydrogenation.

The work by the USC group clearly demonstrated some of the benefits of porous
membrane reactors for dehydrogenation reactions. However, it also clearly showed some
of the drawbacks. The first key problem is that for the alkane dehydrogenation reactions
the lower hydrogen content around the catalyst causes the catalyst to coke and lose
activity. The problem is so severe that hydrogen must be added to the alkane feed just to
make the system operable. The second key problem is that all species (not just hydrogen)
permeate across the membrane so high levels of per pass conversion may not even be
possible due to alkane loss across the membrane. The third problem is that a sweep gas
must be used to keep the hydrogen partial pressure low on the permeate side of the
reactor. The mixing of an inert gas with the hydrogen and other permeated components

will cause the separation costs to rise dramatically if it is applied on the industrial scale.
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Oxygen permeation situations using porous membrane reactors are even more limited
than those involving hydrogen. In this case all examples involve the permeation of
oxygen into the reactor to react with a hydrocarbon and most of the work in this field has
occurred in the last five years. It is this work that is most closely related to the research

presented in this thesis.

A series of papers by Santamaria and co-workers describe the development of a porous
ceramic membrane reactor (Lafarga et al. (1994)) and its application to oxidative
coupling of methane (Coronas et al. (1994)), oxidative dehydrogenation of ethane
(Coronas et al. (1995)) and oxidative dehydrogenation of butane (Téllez et al. (1997)). A
very similar study has been carried out by Tonkovich and coworkers who studied OCM
(Tonkovich et al. (1996b)) and oxidative dehydrogenation of ethane (Tonkovich et al.
(1995, 1996a)). The membranes used by both of these research groups were multi-
layered alumina membranes which had to be altered or treated to decrease the oxygen
permeability. The Santamaria group deposited silica in the membrane pores to decrease
permeability while the Tonkovich group used either an enamel to completely block a
portion of the membrane surface or sputter coated silica on to the membrane surface to
decrease permeability. In all cases a bulk heterogeneous catalyst packed into the reactor
was used for these studies. The Santamaria group used lithium doped MgO and
Tonkovich used samarium and lithium doped MgO. The former group found the
membrane reactor to be of little advantage for ODE but that it did provide an advantage
(selectivity and yield) over a standard reactor for OCM and butane dehydrogenation. The
latter group found the opposite to be true - no advantage for OCM but a significant
advantage for ODE. The difference between the two findings can be explained by
differences in the membranes and in the operating parameters. However, both groups

agreed that the membranes gave stable performance over time.

Studies by Pantazidis et al. (1995) and Capannelli et al. (1996) investigating oxidative
dehydrogenation of propane and by Borges et al. (1995) investigating OCM took a
slightly different approach. In all three of these studies a catalyst was supported on the

wall (in the pores) of an alumina membrane. Pantazidis et al. (1995) used either a



- o

T T Y TRy vt P TS MY WA YR W

50

vanadium-magnesium or nickel catalyst, Capannelli et al. (1996) used a vanadium
catalyst and Borges et al. (1995) used LaOCl supported on the membrane. Pantazidis et
al. (1995) used membranes with different pore sizes and found that only the mesopore
(very small pores) membranes had any positive effect. Capannelli et al. (1996) found the
membrane reactor to give only modest improvement over a packed bed reactor and
Borges et al. (1995) stated, that despite some catalyst instability problems, beneficial

effects from the membrane reactor were observed.

The work that is perhaps most closely related to this thesis research is the work of
Ramachandra et al. (1996). This paper presents research on OCM using a porous
VYCOR membrane reactor. This is the only example of hydrocarbon-oxygen reactions
being carried out in a porous membrane reactor where the reactor is not constructed
primarily of alumina. Ramachandra et al. (1996) used bulk Sm,0; packed into the
reactor as a catalyst and found that at any particular temperature the VYCOR reactor
gave a slightly higher selectivity, but had lower conversion, than a normal plug flow
reactor. In the end there is little difference in yield between the two configurations.
However, for a specific conversion level, the VYCOR reactor had consistently higher
selectivity to C, products. The details of the reactor design and how they compare with

the reactors developed as part of this research will be presented in chapter 4 of this thesis.

The work to date involving the use of porous membrane reactors for hydrocarbon-oxygen
reactions has focused on a limited number of reactions and has shown mixed resulits as
far as the suitability of the reactor systems for those reactions. The work, however, is in
its infancy and perhaps the best lessons to draw from the work revolve around how to
best design and built the reactors. Often these have been the most challenging problems.
These issues will be discussed in greater depth in Chapter 4 when information on the

design and construction of the membrane reactors for this research is presented.

To complete the survey of the literature on porous membrane reactors one more topic
needs to be briefly broached. All the work that has been presented is based on reaction

occurring in a catalyst bed or perhaps on the walls of a membrane reactor. The reactants
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and products are free to permeate across the membrane as partial pressures and modes of
diffusion dictate. There is a body of work using membrane reactors where reactants are
fed through the pores of the membrane (either co-currently or countercurrently) and the
reaction is confined exclusively to the pores. The intent is to prevent one or more species
either exiting the reactor or mixing with other species anywhere but in the pores. A few
examples of this approach are Sloot et al.(1992) who investigated reaction of H,S with
SO, to produce liquid sulfur, Zaspalis et al. (1991) who investigated reduction of NO to
nitrogen and N>O with oxygen and ammonia, and Furneaux et al. (1987) who
demonstrated the concept using the hydrogenation of ethylene. Although this idea does
not seem to be directly related to the present research, the concept is useful in explaining
how a membrane can promote side reactions even though the main reaction may be

occurring in a catalyst bed contained within the reactor.
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Chapter 3

Experimental Equipment and Methods

A discussion of the experimental equipment and experimental methods used for this
research can be divided into two major subjects. The design and construction of a
appropriate membrane reactor system was a major aspect of this research and will be
covered in depth in Chapter 4. In this chapter the rest of the experimental and analysis
equipment, analysis methods, data analysis methods and experimental procedures will be

discussed.
3.1 Experimental Equipment
3.1.1 Reactor System (excluding membrane reactor)

A general schematic representation of the reactor system with the membrane reactor and

effluent analysis gas chromatograph is depicted in Figure 3.1.

The major constituents of the system are the feed gas supply system, the feed gas
metering and control system, the furnace and the instrumentation and data collection

system.
3.1.2 Feed Gas Supply

The three feed gases that are normally used are helium (as a diluent), propylene and
oxygen. All gases were supplied by Praxair Canada Inc. from their packaged gas plant

(Edmonton, AB). All gases were used as received without further purification. The
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helium was “pre-purified” (PP) grade and was supplied in T size cylinders. Numerous
helium cylinders were required over the course of the research. The oxygen use was
considerably lower than that of helium and required only a single T size cylinder of ultra
high purity (UHP) grade oxygen to be used. The propylene use required only one FX
size cylinder of CP grade propylene. This material was provided in liquid form in a
cylinder which was designed with a top, vapour draw off point. The analysis of the

propylene is given in Table 3.1.

Table 3.1 - Analysis of Propylene Feed Gas

Component | Molar Comp.
Methane 5 ppm
Ethane 272 ppm
Propane 0.408 %
Propylene 99.56 %

All three feed cylinders were equipped with Matheson model 3122 high purity, dual stage
brass regulators and set to provide gas to the metering system at approximately 275 kPag.
The body of the propylene regulator was wrapped in fibre tape and then by approximately
60 cm of electrical resistance heating tape connected to a variable voltage regulator. The
heating tape voltage was adjusted to keep the regulator body at about 45°C. The reason
for providing the heating was that the vapour draw off system in the supply cylinder was
prone to transporting small slugs of liquid propylene into the regulator. The liquid would
often vapourize in the low pressure side of the regulator causing pressure fluctuations.
The pressure fluctuations dramatically affect the stability of the flow rate from the
propylene flowmeter. If the regulator is kept warm, the liquid vapourizes very quickly

(before it reaches the low pressure side) and pressure fluctuations are not encountered.

3.1.3 Feed Gas Metering and Control

The experimental program required that the flow rates of the three feed gases would

generally be in three different flow ranges. These ranges are shown in Table 3.2.
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Table 3.2 - Typical Operating Ranges for Feed Gases

Feed Gas Typical Operating
Range (sccm)*

Helium 80-250
Propylene 10-50
Oxygen 3-20

* for the sake of clarity throughout the

rest of the thesis, sccm is cm®/min

(gas volume at 101.3 kPa and 0°C)
The flow range and the degree of variability within the range for each of the feed gases is
different and as a result different types of meters are best suited for each application. On
a practical note, one of the key attributes of equipment used in a research laboratory is
flexibility. As research programs develop there are often changing requirements for the
equipment, or if a project is completed/abandoned then it is best if expensive equipment
can then be used for other purposes. As a result the flow meters/controllers used for the
propylene and oxygen streams were older but very flexible pieces of equipment. A new

flow meter and controller was purchased for the helium stream.

The propylene and oxygen meters are Vacuum General UltraFlo UC series mass flow
sensors and controllers accompanied by Vacuum General model 80-55 flow command
and display modules. The helium meter is a Matheson model 8272-0422 mass flow
transducer coupled to a Matheson model 8270 mass flow controller and display unit.
Both types of meters work on the same principle and it is as follows. As gas flows into
the meter it encounters a large tube with a large concentric flow restrictor that leaves the
gas with only a narrow annular flow path. The annular flow path ensures that the flow
regime will be laminar and that the pressure drop across the path is linear with respect to
total gas flow. While most of the gas traverses this annular flow path, a very small
percentage of the gas bypasses through a capillary sensing tube. The capillary tube is
wound with two self heated resistance thermometers hooked to a bridge circuit. If there
is no flow through the capillary the two thermometers each put the same amount of heat
into the capillary tube and measure the same temperature. Thus no voltage is generated

across the bridge (corresponding to zero flow). As flow begins in the capillary some of
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the heat is carried down stream by the gas causing a temperature gradient which is picked
up by the two thermometers and generates a voltage difference between them. The signal
is amplified and linearized resulting in flow being directly proportional to the measured
voltage. The measured voltage is compared to a setpoint by the controller and a small

internal solenoid valve is adjusted to regulate the flow.

For a fixed flow rate of gas, the extent of the temperature gradient in the capillary tube
depends on the properties of the gas. Thus, the meter must be calibrated based on which
gas will pass through the meter. The measurable flow range depends on the size of the
annular flow space (main flow path). A greater annular space allows for greater flow.
The key difference between the Vacuum General and Matheson meters is that these two
parameters (calibration for different gases and annular flow space) are adjustable in the
Vacuum General (VG) product making it a great deal more flexible in its potential uses.
The “gas calibration value” is an adjustable potentiometer on the display unit and the
annular opening is adjusted by changing the concentric flow restriction element. VG has
elements that allow 0-1 sccm, 0-10 sccm, 0-100 sccm, 0-1 slm, and 0-10 sim. A 0-10
sccm element was used in the oxygen meter and a 0-100 sccm element was used in the
propylene meter. It must be noted that the meters produce a standard 0-5 vdc signal for
the stated range for a gas with a “calibration factor” of 1, such as air, but the meter still
produces a linear voltage to flow signal over the range 0-10 vdc. That is, they can
accurately read up to twice the stated range. For gases with a lower calibration factor
they are capable of reading only some fraction of the range. For propylene with a
calibration factor of 0.41 the standard range with the 0-100 sccm element would be 0-41
sccm of propylene. Reading to the full voltage range of 10 volts, a 0-82 sccm propylene
range is possible. The Matheson meter (helium) came from the factory calibrated for 0-

250 sccm helium. These parameters are not adjustable on the Matheson meter.

The meters were calibrated to ensure that the output voltage (and also the corresponding
digital display) and the measured mass flow rate were proportional to one another for all
three meters. The calibration equations are shown in Table 3.3. The “X” value

corresponds to the value of the digital output display. For the VG display this output is 0-
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1000 (nominally) and can read to 2000. For the Matheson display the output is 0-250

(which is supposed to correspond directly to the flow rate).

Table 3.3 - Flow Meter Calibration Equations

Feed Gas Calibration equation r
Meter
Helium scem =-0.000181X” + 0.999998
1.08803X - 2.601
Propylene sccm = 0.099591X - 0.99996
0.5705
Oxygen sccm = 0.007969X - 0.99997
0.1309

As noted in the table the helium meter had a slight non-linear relationship between flow
and output signal. However, all the calibrations were accurate within the + 1%
guaranteed by the manufacturers over a range from 10% of full scale (i.e. 0-1000 is the
full scale on the Vacuum General meters) to the maximum value at which the meter is
used in this research. In almost all cases, except at the very low flow rates, the

predictions are within £0.4% of the measured values.

The controllers all exhibited steady flow rate performance while on line. The helium
meter exhibited no zero or baseline drifting and zeroed rapidly and to exactly the same
value every time that helium pressure was applied to the meter/controller. The Vacuum
General meters, however, had some zeroing problems. As long as flow was maintained
to these meters the performance was steady. When gas pressure was applied to either
meter the display (with zero flow) goes dramatically negative in the propylene meter or
stays very positive with the oxygen meter. Over approximately a one hour period the
propylene meter would come back to the appropriate zero point. The oxygen meter,
however, would often have to be re-zeroed. The zeroing potentiometer, fortunately, was
located on the front of the display unit. Although there was no concern about the
accuracy of the flow rates during the experiments, these idiosyncrasies of the VG meters

made them a little tougher with which to work.
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3.1.4 Electrical Resistance Tube Furnace

A temperature of approximately 500°C was required for testing the reactors and catalysts
in this study. An electrically heated tube furnace was selected as the most viable choice
for the heat source. This choice was based on the need to easily install and remove the
reactor and the desirability of being able to physically see the reactor and/or catalyst
under reaction conditions. For these reasons options such as a sand bath or molten metal

bath were not considered.

The furnace selected was a Lindberg/Blue M “Mini-Mite” 1100°C horizontal tube
furnace. The furnace has a 30.5 cm heated zone (one zone heating) capable of holding a
2.54 cm process tube. The furnace is controlled by an internal tunable PID controller
which controlled the temperature based on a single thermocouple located just above the
refractory lining at the 15.25 c¢m point (middle) of the furnace. The controller was

programmable allowing the input of two sets of ramp, temperature and dwell setpoints.

In all experiments the catalyst was contained within a 5 cm long zone at the middle of the
furnace. In the absence of flow and reaction the temperature within this zone varied by
only 3°C at the temperatures typically used in this study. An unshielded thermocouple
placed at the centre of the furnace (centred axially and radially) read approximately 10-
13°C higher than the temperature read by the furnace controller thermocouple. When the
centre thermocouple is highly shielded, that is, inside the membrane reactor assembly, it
read within 1-2°C of the controller thermocouple. Thus it is clear that radiative heat
transfer from the heating elements had some effect on the process temperature, but the
effect was consistent and predictable. For a small portion of the experimental work (see
Chapter 8) the furnace control was altered so that the centre thermocouple (within a

catalyst bed) was used as the controlled process variable.
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3.1.5 Instrumentation and Data Collection

Six process variables were continuously measured in this experimental system. The three
feed gas flow rates from their respective mass flow controllers were recorded. Two
reactor temperatures (immediately before the catalyst bed and the mid-bed or mid-reactor
temperature) were measured with type K thermocouples and recorded. The
thermocouples have 1.59 mm diameter SS sheaths and were further sheathed in 3mm
OD, 2mm ID quartz. The thermocouples and sheaths were inserted axially into the
reactor through appropriate Swagelok fittings. More details on the arrangement are given
in Chapter 4. A reactor pressure was also continuously measured by a 0-10000 kPa Heise
digital pressure gauge, but was not recorded. In the case of normal flow reactor tests
(non membrane reactor tests) the inlet pressure to the reactor was measured. During

membrane reactor tests the membrane reactor shell pressure was measured.

The data from the five recorded variables were received by an OPTO 22 data system and
logged on an IBM PC. A 0-5 VDC signal was received from the oxygen and helium flow
meters, and a 0-10 VDC signal was received from the propylene meter. The voltage
signal was converted to an appropriate flow rate value by the program running the data
logging computer using the equations from Table 3.3. The millivolt signals from the
thermocouples were converted to temperature readings, also by the data computer
program, using standard calibration curves. The recorded data were sampled every 12
seconds and recorded as averages over periods of one minute. The data recording
program also accepts input data to identify the test conditions, creates the output data file

and gave the output file a unique name based on the date and time.

3.1.6 Remaining Hardware

All the interconnecting tubing is 3.175 mm SS tubing connected with appropriate SS
Swagelok fittings. All isolation valves and three way valves were 1/4 turn ball valves.
The tubing running to the vent was 6.35 mm plastic tubing. The pressure in the reactor

tube was controlled by means of a simple back pressure regulator which diverted some of
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the reactor effluent stream around the gas chromatograph and directly to the vent. The
pressure was set and maintained for all experiments at 105.5 kPa (+ 1 kPa) which was
approximately 12 kPa above typical atmospheric pressure in the laboratory and ensured
that approximately 100 scem of effluent gas was directed to the GC. The effluent line
(approximately 5 m in length) from the reactor exit to the GC inlet was heat traced with
electrical resistance heating tape. A variable voltage transformer provided 70 volts to the

heating tape. The line was heated to prevent the condensation of water in the line.
3.1.7 Gas Chromatograph and Analytical Method for Gaseous Streams

Prior to conducting reaction studies, it was necessary to develop a single on-line analysis
technique that could be used to quantitatively analyze all of the components in the
system. Development of this technique proved to be much more challenging than

originally envisioned and merits some detailed discussion.

Gas chromatography (GC) was selected as the method of analysis over mass
spectrometry (MS). Mass spectrometry was not a viable method in this project for a
number of reasons.

1. Water is very difficult to detect.

2. MS has difficulty distinguishing between fragments with the same molecular
masses. In this project two key sets of components have the same molecular
masses:

Propane and carbon dioxide (44)
Ethylene and carbon monoxide (28)
3. There is no need for virtually real time analysis that MS can supply since the

reaction tests are steady state tests rather than transient tests.

The GC system hardware consisted of a Hewlett Packard 5890A gas chromatograph and
a HP 3396 Series II integrator. The integrator came with a BASIC language program
feature which allowed some simple programming of the integrator with respect to timing

of events and changing of methods. The integrator was connected to a computer on
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which all data was stored electronically. The GC itself was equipped with a 10 port
actuated valve which provided column sequence reversal capability, a 250 pL sample
loop, thermal conductivity detector (TCD) and flame ionization detector (FID) in series,
and the capability to time program valve position changes and to temperature program
the GC oven.

The GC was equipped with two 3.175 mm SS packed columns. Column 1 was 2.44 m of
100/120 mesh HayeSep DB and column 2 was 1.83 m of 80/100 mesh molecular sieve
13X. A 6.1 m section of blank 3.175 mm SS tubing was installed immediately before
column 2. The carrier gas was helium at a flow rate of 29.6 ml/min. The analysis cycle
required a total of 35 minutes comprised of a 23 minute GC run and 12 minutes of data
analysis and hold time between runs. The method took advantage of the column reversal
and temperature programming features in order to meet the analysis objectives. The FID
analyzer was used to measure the hydrocarbon constituents of the effluent and the TCD

to detect permanent gases and water.

The key analysis objectives were to provide adequate separation and detectability of all
the components in the system in as short an analysis cycle as possible. The components
ranged from permanent gases like O, and CO; to six carbon hydrocarbons and included
water. The concentration of the various components in the reactor effluent ranged over 4
orders of magnitude (from 20% propylene to ppm levels of certain products). In previous
studies involving ODHD of propylene the predominant method of reactor effluent
analysis had been to remove the water, heavier hydrocarbons and oxygenates with a cold
trap or by absorption in an organic solvent such as toluene. The remaining gaseous
stream was analyzed by GC and the liquid products were analyzed by methods such as
liquid chromatography or mass spectroscopy. Another study (Kutuzov et al. (1982)) used

a complex GC method but still ignored the presence of water in the reactor effluent.

The selection of HayeSep DB as the packing for column 1 was crucial to the success of
the system. This polymer facilitates very good separation of hydrocarbons particularly

alkane/alkene pairs and isomers. Alkenes always elute before their analogous alkane and



62

an a-olefin will elute before the isomeric B-olefin. HayeSep DB also has excellent water
handling characteristics. At a sufficiently high temperature, there was very little water
tailing, a characteristic that plagues many other materials that are often used for
hydrocarbon separation. At higher temperatures, however, HayeSep provides little or no
retention time or separation for permanent gases except CO,. Thus, a molecular sieve
column was required to separate O,, CO and N, (if air is used as the oxidant in the
reaction). The caveat for the molecular sieve column was that CO,, water and

hydrocarbons, excluding methane, must be kept out of the column.

The column reversal feature was used to ensure that CO,, water and all the hydrocarbons
were confined to the HayeSep column while the permanent gases traveled through the
HayeSep column twice and the mol sieve column once. Figure 3.2 indicates how the 10
port valve and connections were set up to facilitate the column reversal feature.
Operating the columns at 150°C provided rapid elution times, sharp peaks and sufficient
separation for the permanent gases including CO,, water and the lighter hydrocarbons (up
to C3). The GC method maintained the GC at 150°C for 7.5 minutes which was just
enough time for the final compound (which is CO) in the permanent gas/water/light
hydrocarbon series to elute cleanly. However, this temperature was too low to provide
reasonable elution times or sharp peaks for the heavier hydrocarbons. Their adsorption
on HayeSep DB at this temperature was too strong, and it was here that the temperature
programming feature of the GC was utilized. The GC oven temperature was increased to
220°C after the aforementioned components had eluted. The value of this upper
temperature was selected by modeling the elution times and peak widths of the heavy
components (1,5-hexadiene, 1-hexene and benzene). The elution time for all components
could be modeled with an Arrhenius type expression (with T being the high temperature

level, in Kelvin) as in equation 3.1.

Fion = A exp( BF) + 1140027 - 473) G.1)
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The last two terms are linear terms which are meant to take into account the initial lower
temperature period (7.5 minutes) and the temperature ramp period between the two
temperature levels. The first term represents the variation in time due to the high
temperature portion of the process. It was found that the maximum rate of temperature
increase between the two temperature levels that provided stable performance (no
overshoot) was 25°C/min. The peak width (at half peak height) narrows at higher
temperature and sharp, narrow peaks are desired. It was found that this measure of peak
width could be modeled empirically for all three components in the desired temperature

range by an equation of the form of equation 3.2.
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peak width =107*2)  (with T inK) (3.2)

Thus the position and width of the peaks were modeled with respect to the upper
temperature level and an appropriate compromise between the competing factors of peak
width, elution time and sufficient separation was found. The separation between 1,5-
hexadiene and 1-hexene proved to be the key constraint and an upper temperature of

220°C best met that constraint.

This basic method is not particularly noteworthy, but it is the first time in the literature
that all components of the ODHD of propylene reaction are analyzed on-line with a

single method.

Two problems were encountered that required solution before the method could be
applied to on-line analysis. The first problem was that in the original method propylene
and oxygen co-eluted. Oxygen traveled a much further path as previously mentioned, but
reached the detectors at the same time as propylene. One of the two peaks had to be
moved and moved to a location (elution time) where there was sufficient room for the

peak to elute cleanly. The following options were considered and tested:

1. Increase or decrease the length of one or both of the two columns to shift
elution times.
2. Increase or decrease the carrier gas flow rate.

3. Add dead volume to increase the elution time of O,.

Since propylene did not travel through the mol sieve column it was expected that changes
in that column would have the greatest effect in separating the propylene and oxygen
elution times. Increasing the mol sieve column length caused three problems. The first
problem was that the column head pressure rose to the limit of what the carrier gas
regulator could supply so the carrier gas flow was barely sufficient. This first problem
lead to two other problems. The high column pressure caused the water peak to flatten

out and tail significantly and the release of pressure when the column reversal valve
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position switch occurred had a tendency to blow out the hydrogen flame on the FID. It
became clear that substantial increases in column pressure could not be tolerated.
Reducing the length of the mol sieve column was attempted but the loss in peak
sharpness and changes in elution times for gases other than oxygen made this approach
infeasible.

An increase in carrier gas flow rate was not feasible for pressure reasons and a decrease
in the rate had no substantial effect on the relative elution times. Hence adjustment of
carrier gas flow could not achieve the necessary shift in elution times. As it turns out the
most viable solution was to increase the elution time for O, by increasing the travel path
of the oxygen. Adding the dead time was accomplished by adding at 6.1 m blank section
of 3.175 mm S8 tubing just before the mol sieve column. It had the effect of simply
adding dead time to the O,, N; and CO elution times. Dead space is generally avoided in
gas chromatography because it allows some degree of mixing and unnecessarily broadens
peak widths. The peak width broadening did occur in this case, but it was not excessive and

had no marked effect on the accuracy of the results.

The second problem became apparent when doing repeated analyses (run after run).
There was an inconsistency in the oxygen peak area. The peak area decreased from run
to run even though no changes were made to the flow rate or composition of the gas
feeding the sample loop. A new steady state peak area was established after
approximately 5 consecutive analyses. The new steady state value depended on the
initial oxygen concentration. The problem was determined to be oxygen desorbing from
the nickel sites on the stainless steel walls of the columns and the blank tubing as the
temperature rose to 220°C in the analysis sequence. The subsequent sample would have
some of the sample oxygen re-adsorbing on the walls at the lower temperature (150°C)

decreasing the amount that could be detected at the TCD.

As with the first problem a number of options were considered. The key to solving the
problem was to get sufficient oxygen back into the columns at the lower temperature to

re-adsorb on the tubing before a subsequent analysis was made. Attempts were made to



66

dose the GC columns with pure oxygen (from the sample loop) between runs. This
approach did not produce consistent results. This method was coupled with lowering the
GC temperature to 50°C to try to increase the rate of oxygen re-adsorption. Again, the
results were inconsistent and even if they had been consistent this method would have

been extremely difficult to implement.

It was noticed that if 4-6 hours passed between runs on the GC, the oxygen peaks were
consistent. This period was far too long to be practical in terms of carrying out the
experimental work, but it did ultimately provide the answer to the problem. The normal
carrier gas is pre-purified helium (Praxair) that contains approximately 3 ppm oxygen. It
became clear that constantly adding oxygen with the carrier gas allowed re-adsorption of
oxygen on the column walls to occur. In the end the best solution proved to be the use of
a carrier gas with a slightly higher oxygen content (50 ppm). Even though the column
walls were not completely re-coated with oxygen, the new steady state value of O, peak
area was reached in only one run (no wasted analyses), was linear with respect to original
sample oxygen content and was only 3% lower than the actual value. A period of
approximately 12 minutes between analyses was necessary to allow the oxygen to re-
adsorb. There are two potential drawbacks to this approach. The first drawback was that
the higher oxygen content in the carrier gas would cause the TCD to lose sensitivity and
ultimately burn out more quickly. Time, however, has shown that this was not a serious
problem. The second drawback was that the higher O; concentration in the carrier gas
causes a slightly higher O, concentration on the surface of the column packing materials.
When the pressure changed in the GC system due to a valve position change (to affect the
column reversal feature), some O, desorbed and was recorded at the TCD. This extra O»
caused some slight baseline undulations. Again, however, this effect was not found to be

a problem that affected the accuracy of the GC results.

A similar but less severe consistency problem has been noted with the propylene analysis.
If analyses were run more or less back to back (less than 20 minutes between the end of
one and the start of the next), it was observed that the propylene peak area (from

integration) would always be slightly lower than expected for any analysis where the
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previous analysis had used the high temperature portion (220°C) of the analysis routine.
The problem was deduced to be similar to the oxygen problem where differing amounts
of propylene were adsorbed on the HayeSep column wall at different temperatures. The
problem was not nearly as severe as for oxygen, but since the propylene was the major
hydrocarbon component, small errors in the readings would cause more pronounced
uncertainties in the mass balance. As with oxygen, the propylene peak area readings
decreased after the first exposure of the GC to high temperature and were steady

thereafter. The readings were about 1.3% lower than would be expected.

This gas chromatography method was able to measure component concentrations from
over 20 mol% of the stream down to the low ppm range for the lighter hydrocarbons.
Sensitivity to the heavier hydrocarbons was limited to approximately 75 ppm due to the
larger peak width of these components and sensitivity to the permanent gases was limited
to approximately 500 ppm due to the lower sensitivity of the TCD in comparison with the
FID. Table 3.4 indicates the elution times for all the key components for the ODHD of
propylene and also indicates the elution times for a number of the minor components.
Figures 3.3a/b show typical TCD and FID chromatograms respectively (note the
logarithmic scale on both figures). All the components detected by the FID have traveled
through the HayeSep column only. As shown on the TCD chromatogram, oxygen and
carbon monoxide travel through the HayeSep column and then the column order is
reversed at 1.5 minutes causing them to flow through the molecular sieve column (where
they are separated) and through the HayeSep column again before being eluted. This is
why they are eluted so much later than CO,.
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Table 3.4 - Elution Times for Components in Reactor Effluent

Compound Elution time
(minutes)
Methane 1.5
CO, 1.8
Ethane 24
Ethylene 2.7
Water 3.9
Propylene 5.0
Propane 5.5
Oxygen 6.6
Nitrogen 6.8
CO 7.3
Acetylaldehyde 9.0
1-butene 10.0
trans-2-butene 10.2
cis-2-butene 104
Acrolein 12.5
1,5-hexadiene 18.3
1-hexene 19.2
2-hexene 20.0
Benzene 21.5

The GC has been calibrated for the various components using one of two different

methods for providing a fixed gas composition to the GC. The method selected depended

on the component being calibrated. Linear correlations between mole percentage of

component in the gas and the measured peak area have been derived. The two gas supply

methods were as follows:

1) Use of an analyzed calibration gas standard (either a pure gas or a mixture)

which was diluted with helium to give appropriate range of compositions.

The following calibration gases were used.

a)
b)
c)
d)
e)

Primary calibration gas (Praxair) with composition given in Table 3.5.
Pure oxygen

Pure ethylene

Pure 1-butene

2.04 mol% CO,/ balance N,



S T TEER TR T R AITRN T TR TR T ey e TR TR R T T TR T e, rp e e

70

Table 3.5 - Composition of Primary Calibration Gas

Component Mol %
Propylene 19.90
co 5.16
CO, 5.00
1-Hexene 0.997
2-Hexene 0.325
1,5-Hexadiene 3.00
Benzene 0.499
Helium 65.119

2) Saturation of a flowing gas stream with a component. The component
containing stream could be further diluted if necessary. This approach was
used for developing the water and acrolein calibration relationships. The
equipment needed to carry out this method is shown in Figure 3.4. The feed
helium stream was sent through a bubbler containing the material to be
evaporated (water or acrolein). This arrangement ensured that the stream was

saturated at the low temperature bath conditions.

The GC calibration equations for the two detectors for each of the components along with
the method used for calibration (from above), the range in which the correlation holds
and the correlation coefficient are shown in Table 3.6. All the correlations show the
relationship between the measured peak area and the mole percentage of the component
in the stream. The correlation for the TCD is based on the TCD sensitivity being set on
“HIGH”. The GC composition results were routinely within 0.40% of expected values
for test analyses which provided a high degree of confidence in the results and provided
excellent closure of the mass balance. Formally, this GC method is an “absolute”
method, without an internal standard. Changes in the pressure in the GC sample loop
cause different amounts of material to enter the GC columns and hence different peak
areas result. The use of a back pressure regulator (Section 3.1.6) limited the sample loop
pressure variation to that caused by changes in atmospheric pressure and these changes

were relatively small. Nonetheless, sampling of the feed stream (know composition) was
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used as to provide the correction factors so that the problem of no internal standard was

avoided. A description of the treatment of the data appears in Section 3.4.
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Figure 3.4 Saturator for GC Calibrations
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Table 3.6 - GC Calibration Correlations

Component | Calib. | Range | TCD Correlation | FID Correlation | Correlation
Meth. | (mol%) | mol% = a(area) + | mol% = a(area) + | Coefficient
b b @)
CO la 0-0.42 | a=8.3645x10" 0.99999
b=-0.02376
CoO la 04-50 |a=8.1270x10" 0.99984
b=-0.02488
CO; la,le | 0-0.4 a=6.3094x10" 0.99996
b=-0.0217
CO, la 0.4-5.0 |a=6.3377x10" 0.99985
b=-0.04213
Propylene la 3-20 a=15.21665x107 a=7.85988x10" | 0.99987(TCD)
b=-0.08364 b =-0.066 0.99990(FID)
Water 2 0-3.0 a=1.3998x10™ 0.99912
b=0.015
Oxygen 1b 0-8.0 a=8.70197x107 0.99996
b =0.00896
Ethylene Ic 0-0.05 a=1.174x10"' 0.9996
b =-0.000741
1-Butene 1d 0-0.05 a=6.46x10" 0.9999
b =-0.00597
Acrolein 2 0-0.16 a=1.703x10"" 0.999
b=10.00116
1,5- la 0-0.40 a=3.9388x10" 0.99997
Hexadiene b =0.000947
Benzene la 0-0.04 a=3.43x10" 0.9996
b = 0.00099

3.2 Experimental Procedures (Reaction)

There were two types of reaction tests carried out during this thesis research. The first

type involved testing of a catalyst in a packed bed in a normal tubular flow reactor. All

such tests have been carried out in a quartz reactor. The screening tests described in

Chapter 4 have been carried out in a 10 mm ID, 12 mm OD quartz reactor. All remaining

packed bed, tubular reactor tests have been carried out in a 15 mm ID, 18 mm OD quartz

reactor. The latter reactor dimensions were chosen to best mimic the dimensions of the

membrane reactor described in Chapter 4. The second type of test involved use of the
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VYCOR membrane reactor. For both the packed bed, tubular reactor tests and the
membrane reactor tests a strict test protocol has been followed to assure that the effects of
any external factors are minimized. The two protocols are similar but with some

important differences. Both protocols are described below.

3.2.1 Packed Bed, Tubular Reactor Test Protocol

1. If reactor and catalyst has been previously operated without a decoking/re-
calcination step being performed, then the reactor was purged with helium and heated
to an appropriate decoking temperature in flowing oxygen or flowing oxygen/helium
(20%/80%).

2. When calcination was complete the reactor was purged with helium and the furnace
temperature set to the appropriate reaction temperature.

3. Helium, oxygen and propylene flow rates were set by adjustment of the flow
controllers and checked via bubble flow meter.

4. The reactor was isolated and the feed stream was routed through the reactor bypass to
the GC. Feed flow continued for 15 minutes to allow complete flushing of GC and
equilibration of all tubing with the feed gas.

5. Three feed stream samples were analyzed by GC in succession. The standard GC run
was set for 7.15 minutes so that both propylene and oxygen analyses were carried out
and so that the GC temperature remained constant at 150°C. The GC run and
processing of both TCD and FID signals required approximately 10 minutes so that
30 minutes was required for all three samples.

6. The OPTO 22 data collection program was started and 2-10 minutes of data were
taken before the feed was sent to the reactor.

7. Feed was routed to the reactor. In all cases the feed composition was above the upper
explosive limit (too rich in propylene) so explosive conditions were avoided as long
as the reactor had been previously purged with helium.

8. The furnace setpoint and timing program and the BASIC program running the GC
analysis cycles were started immediately after step 7. The first sample was taken

after the reactor had been on line with reactant feed for 1 hour. As indicated in the
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section describing the GC method, one complete analysis required 35 minutes. In the
case of many of the screening tests only one temperature level was tested and
numerous samples (up to 10) were taken. In the case of full catalyst tests (Chapters 7
& 8) four temperatures were tested over the course of an experimental day. Four
samples were taken at each temperature and one hour was allowed at each
temperature level to establish a steady state. In these cases, then, each temperature
level required 200 minutes to complete

Since the furnace can only accept two setpoints at a time, the furnace program had to
be reset after the first two temperatures in a four temperature test day. At the end of
the final analysis at the final temperature level the reactor was allowed to cool
naturally to room temperature (with reactor feed gas continuing to flow through the
reactor).

The OPTO 22 program was terminated manually some time after the run was

complete.

3.2.2 Membrane Reactor Test Protocol

The design of the membrane reactor is discussed in Chapter 4 and a schematic

representation of the reactor is shown in Figure 4.6. The reactor had a shell and tube type

design and was operated with oxygen flowing into the shell and permeating through the

membrane to the tube side. The propylene feed flowed through the tube and a catalyst

bed, if one was used, was packed into the tube side of the reactor.

1.

If the reactor, or reactor and catalyst, had been previously operated without a
decoking/re-calcination step being performed, then the tube side of the reactor was
purged with helium and heated to an appropriate decoking temperature. The helium
to the tube side was shut off and the shell side of the reactor was supplied with
oxygen. Oxygen was flowed through the membrane and served to treat both the
membrane and the catalyst in the tube (if any). Approximately 0.5 - 1 hour was
allowed for this step.
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When calcination was complete oxygen flow to the reactor was stopped and the
furnace temperature was set to the appropriate reaction temperature.

Helium, oxygen and propylene flow rates were set by adjustment of the flow
controllers and checked via bubble flow meter.

The reactor was isolated and the feed stream was routed through the reactor bypass to
the GC. Feed flow continued for 15 minutes to allow complete flushing of GC and
equilibration of all tubing with the feed gas.

Three feed stream samples were analyzed by GC in succession. The standard GC run
was set for 7.15 minutes so that both propylene and oxygen analyses were carried out
and so that the GC temperature remained constant at 150°C. The GC run and
processing of both TCD and FID signals required approximately 10 minutes so that
30 minutes was required for all three samples.

Helium and propylene streams were routed to the vent while oxygen was routed to the
shell of the reactor. The reactor shell pressure increased as oxygen flowed into the
shell. Some of the oxygen also flowed out through the membrane to the tube side of
the reactor which had been opened to allow flow out of the tube side to atmosphere.
The oxygen pressure was allowed to rise in the shell until the flow into the shell was
balanced by the flow out through the membrane. This step requires approximately 1
hour. The oxygen flowing through the membrane into the tube served to purge the
tube side with oxygen. Thus the partial pressure of oxygen on the tube side was
atmospheric pressure. The oxygen pressure difference across the membrane then,
was simply the gauge pressure of oxygen in the shell.

The OPTO 22 data collection program was started and 2-10 minutes of data were
taken before reactant feed was sent to the reactor.

The helium feed was routed to the tube side of the reactor. It was necessary to purge
the tube of the oxygen so that explosive conditions in the tube were avoided. A 3-5
minute purge was all that was required. After that the propylene feed was added to
the tube side.

The furnace setpoint and timing program and the BASIC program running the GC
analysis cycles were started immediately after step 8. The first sample was taken

after the reactor had been on line with reactant feed in for 90 minutes. As indicated in
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the section describing the GC method, one complete analysis requires 35 minutes.
For both blank reactor and full catalyst tests (Chapters 6, 7 & 8) four temperatures
were tested over the course of an experimental day. Four samples were taken at each
temperature and 90 minutes was allowed at each temperature level to establish a
steady state before the first sample was taken. In these cases, then, each temperature
level required 230 minutes to complete

10. Since the furnace can only accept two setpoints at a time, the furnace program had to
be reset after the first two temperatures in a four temperature test day. At the end of
the final analysis at the final temperature level the reactor was allowed to cool
naturally to room temperature (with reactor feed gas continuing to flow through the
reactor).

11. The OPTO 22 program was terminated manually some time after the run was

complete.

33 Experimental Procedures/Equipment (Study of Catalysts)

Analysis of some of the surface and other physical properties of various catalysts and
supports has been carried out in the course of this research. These analyses provided
small, but sometimes important pieces of information regarding the materials. There
were no attempts to characterize catalysts or support materials in detail since the focus of
this research is on the reactor, and reactor operation, rather than on catalysis. Thus, only
a limited number of techniques were utilized. The equipment and methods are briefly

described in the sections that follow.

3.3.1 X-Ray Diffraction (XRD):

XRD patterns were obtained with a Philips diffractometer (PW 1730 generator, PW
1050/70 vertical goniometer, 1601-14300 curved graphite monochromator) using Cu Ko,
and Cu Ka; radiation. Samples were placed in available custom made circular sample
holders and analyzed over the range of 26 = 10°-90° or 26 = 10°-60° at 0.1°/step (10
seconds per step) using 40 kV and 30 mA.
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3.3.2 Surface Area and Pore Size Distribution:

The surface area and pore size distribution of porous material were calculated using

results from nitrogen adsorption experiments on an Omnisorb 360 analyzer.

3.3.3 Thermogravimetric Analysis (TGA):

TGA was used to help determine what products resulted from the thermal decomposition
of metal salts during calcination to make the corresponding metal oxide catalysts. These
analyses were carried out on a DuPont 950 Thermogravimetric Analyzer at temperature

ramp rates of 5-10°C/min in flowing nitrogen, air or oxygen.

3.3.4 Energy Dispersive X-Ray Analysis (EDX)

EDX was used in conjunction with a scanning electron microscope to evaluate the
distribution of supported catalysts on the support materials. It did so by determining the
relative abundance of the metals in the metal oxide catalysts which were “visible” on the
surface of a cross section of the support material. EDX was carried out using a Hitachi
S-2700 Scanning Electron Microscope equipped with an Oxford Instruments Link eXL
Energy Dispersive X-Ray Analyzer.

3.4  Experimental Procedures (Treatment of Reactor Composition Data)

The raw peak area data describing the compositions of the gas samples analyzed by the
gas chromatograph were manipulated in an Excel spreadsheet to produce information
regarding the conversion of the two feed components (propylene and oxygen), the carbon
and oxygen mass balance closure and the carbon selectivity (in terms of propylene) to the

various products. The key features of the data manipulation were:

1. The correlations relating peak area to composition (Table 3.6) were applied to the

feed analysis information. Since the feed composition is known and manually
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measured the results were normalized to give a correction factor for oxygen (TCD)
and propylene (TCD, FID). The GC analysis often did not exactly match the
measured compositions often due to small changes in atmospheric pressure that
influence the mass of material in the GC sample loop. Using these correction factors
is equivalent to using a internal standard such as nitrogen to determine an appropriate
scaling factor.

2. Initial outlet composition information was calculated from the peak areas for the
effluent analyses using the correction factors referred to in #1 (above) and using the
correction in peak areas for oxygen and propylene described in section 3.1.7. All FID
values were corrected by the propylene FID factor, all TCD values except oxygen and
water were corrected by the propylene TCD factor, and oxygen and water were
corrected by the oxygen TCD factor. The peak area corrections (section 3.1.7) were
applied to all analyses except the first one at each temperature level.

The initial outlet composition data was further corrected to account for the change in

| V3]

number of moles due to reaction as per the reactions listed below. These corrected

data were used to calculate conversions, selectivities and mass balance closures.

C,Hg,, + % Osgy = 3COy,, +3H,0,,, gain of 0.5 mole/mole propylene reacted

()

+ 30,,, = 3CO

C,H & +3H,0

(s) gain of 2.0 mole/mole propylene reacted

6(g) 2(g)

2C,Hy(,, + % Osgy => CsHyggy + H,0, loss of 0.25 mole/mole propylene reacted

In almost all cases the carbon mass balance closure was within 1% and the oxygen
balance within 3.5%. With respect to the carbon balance, coke formation was minor (if
any was formed at all) in all the experiments and nothing in the literature or observed
during the experimental work conducted for this thesis indicated a tendency for the
catalysts to form carbonates. Carbonate formation, which has plagued a number of OCM
catalysts (Raské et al. (1991)), can go undetected if there is a problem with the carbon
mass balance closure. In this research there was no gross error in carbon mass balance
closure. The high degree of confidence in the accuracy of the GC results for the products

(see Section 3.1.7) means that the calculation of selectivities can be made with
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confidence. Since the closure of the carbon balance was well within the experimental
uncertainty and there were no indications of systemic errors in the carbon balance, no
attempt was made to compensate for the small imbalances. The oxygen balance was not
quite as good, but uncertainty tended to be highest at the high oxygen conversion rates
where the peak area correction played a larger relative role and the uncertainty in the
water correlation had a larger impact. As a result, no adjustments were made for the

imbalances.
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Chapter 4

Design and Construction of a Porous VYCOR
Membrane Reactor

This chapter covers the issues and experimental efforts that have gone into the design and
construction of the porous VYCOR membrane reactor used for the study of ODHD of
propylene in this research. The chapter begins with some background discussion on the
key characteristics of porous membranes relating to their use in membrane reactors and a
discussion of the membrane parameters that are available that affect the key
characteristics. The research carried out to design/develop the membrane within the
constraints imposed by the important characteristics for the ODHD of propylene reaction
is described in some detail. A comparison of this approach to the approach taken by
others in closely related research is made. Finally the method of construction of the

reactor from the base membrane is described.
4.1 Key Characteristics of a Porous Membrane

There are four key characteristics of a porous membrane that can be exploited if it is to be

used in a membrane reactor application.

Permeability
Selectivity
Inertness (Catalytic Activity) at Reaction Conditions

A woN

Strength and Stability at Reaction Temperature and Pressure.
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In general there are five membrane variables or parameters that can be used to influence

these key characteristics.

Membrane material

Membrane formation methed

Pore size/pore size distribution

Ability to chemically alter the membrane
Membrane thickness

A

Although some of these concepts have been alluded to in Chapters 1 and 2, they are

sufficiently important that they warrant discussion here.

4.1.1 Permeability and Selectivity

The concepts of permeability and selectivity in a membrane are inseparable and are
“inversely” related. Permeability is the flux (mass or molar) of material through the
membrane per unit driving force (usually pressure). The selectivity is the relative
permeability of a species compared to the permeability of other species. Almost without
exception high permeability will lead to low (or no) selectivity and a membrane with very
low permeability often is very selective to one species. The best example of the latter
case is actually a dense membrane which is permeable to only one species (100%

selectivity), but has a very low overall flux rate.

In a porous membrane it is the size and structure of the pores that affects the permeability
and selectivity of the membrane. More precisely it is the modes of mass transport
through the pores that affect permeability and selectivity. There are four transport modes

that can occur across three “parallel” paths as shown schematically in Figure 4.1.
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Figure 4.1 Transport Through Porous Membranes

Bulk flow is normal, total pressure driven, Poiseuille (laminar) flow in a capillary. It
occurs in larger pores and results in a very high flux compared to the diffusion modes.
There is, however, no separation of species. This result clearly illustrates the point that
high flux leads to low selectivity. Surface diffusion occurs by having adsorbed molecules
adsorb “hop” from one surface site to another. The phenomenon is driven by partial
pressure differences and is most predominant at lower temperatures (<200°C). It can
cause separation of species, but this generally has to happen in smaller pores (when
Knudsen diffusion is occurring) to be noticed. The flux due to surface diffusion is
sufficiently small that it is generally insignificant if regular molecular diffusion and/or

bulk flow are occurring.

At higher temperatures where surface diffusion is much less important, two types of
diffusion can occur: Knudsen diffusion and regular molecular diffusion (left hand branch
of Figure 4.1). Both types of diffusion are partial pressure driven and it is the size of the
pores that determines which type of diffusion is more important. Figure 4.2 illustrates the

point.
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Figure 4.2 Effect of Pore Size on Diffusion Mode in Pores
From: Chemical Reactor Design and Analysis, 2 Ed., by G.F. Froment & K.B. Bischoff
Copyright © 1990, by John Wiley & Sons, Inc., reprinted by permission of John Wiley &
Sons, Inc.

Knudsen diffusion is said to occur when the mean free path, A, of the gas is greater than
the diameter of the pores, d. In this case the molecules interact primarily with the walls
of the pores and not with one another. Specifically values of d/A less than 0.2 dictate that
Knudsen diffusion will be the predominant type of diffusion occurring in the pores.

From the kinetic theory of gases, the mean free path can be estimated as (Uhlhorn and
Burggraaf (1991))

A= L JRT 12z M) 1 P 4.1

and the Knudsen diffusion coefficient is calculated as

Dy = Y,d\JBRT Iz M) = Ydu (4.2)

where uis the Maxwellian velocity
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Since the flux is a product of Dk and the concentration gradient (assuming one

dimensional flow).

flux =D, — (4.3)

It is most convenient to define the concentration in terms of a pressure difference across a
membrane of finite thickness, so that the driving force term becomes (assuming that the

gas is an ideal gas):

e _sr( 1) y
dz RT 44)

and the flux in terms of the new driving force is

fux =% d ”RT (4.5)

It becomes clear that if Knudsen diffusion is the controlling mode of mass transport the
permeation rate of a particular species, assuming no reaction in the membrane, is
proportional to the partial pressure difference across the membrane and inversely
proportional to the thickness of the membrane and inversely proportional to the square

root of both temperature and the molecular mass of the species.

In small pores Knudsen diffusion will occur. In larger pores regular Fickian diffusion
will occur, but if there is a total pressure difference across the membrane (the fairly
normal situation for membrane reactors), the larger pores necessary for molecular
diffusion give rise to bulk flow. Thus, in most cases the contribution of regular diffusion
is not significant. The one situation where regular diffusion can play a role is for back
diffusion of species out of a membrane reactor. That is, flow in the direction opposite to

the main flow through the membrane. This issue will be discussed further in Chapter 6.
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Permeability and selectivity for a membrane are primarily controlled by the pore size and
pore size distribution of the membrane as well as the membrane thickness. The method
by which the membrane is formed, in many cases, dictates what sort of membrane

thickness and pore size is possible.
4.1.2 Inertness of the Membrane

Unless the membrane material is catalytically active and selective for the desired reaction
at the reaction conditions, it is generally desired to have a completely inert membrane.
For lower temperature reactions (<200°C) membrane activity is generally not a problem
since the materials used in porous membranes do not promote gas phase reactions at such
low temperatures. At higher temperature, however, the problem becomes more acute.
The problem is often that higher temperature reactions also involve more reactive
species. For example, hydrogenation reactions often occur at relatively low temperatures
and involve only a hydrocarbon and hydrogen. There is little chance a membrane will
cause activity problems at these conditions. Dehydrogenation or oxidative
dehydrogenation reactions, on the other hand, generally occur at temperatures in excess
of 350°C (and often much higher) and involve either the presence of oxygen or a
deprivation of hydrogen. In either case the possibility of the membrane being active are
much higher.

At reaction conditions a ceramic or glass (silica) membrane material may be active. The
inherent activity is often compounded by the large surface area of the membrane. The
smaller pores necessary in a membrane to provide selectivity or to properly limit flow
through the membrane give the membrane a significant specific surface area. Pores in

the range of 5-50 nm often give rise to specific surface areas in the order of 100 m%/g.

Primarily there are two methods for creating “inertness” in an otherwise active
membrane. The first method is to keep one or more of the reactive species away from
any significant membrane surface area. An example of this approach is to flow one

species (the reactive one) through the tube of a membrane reactor and have another
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species permeating through the membrane at a sufficient rate to prevent any back
diffusion of the reactive species into the membrane. In theory this is a good idea; in

practice it may be impractical due to the flow conditions it would require.

The second method is to make the membrane catalytically inactive at the reaction

conditions. There are four basic ways to try to accomplish this goal.

Decrease the surface area (block pores)
Remove the active sites

Chemically neutralize the active sites

SRS

Physically neutralize (cover) the active sites.

Thus, it is the membrane material, the size of the pores and the ability to chemically or
physically alter the membrane which have the biggest impact on the catalytic activity of

the membrane.

4.1.3 Strength and Stability of the Membrane

It is crucial in a working membrane reactor that the membrane itself can physically
withstand the reaction conditions over an extended period of time. It must be able to hold
the required pressure and withstand the operating pressure without developing defects
(cracks, pinholes, separation of layers in a multi-layer membrane) and without a change
in pore structure. There have been significant advances in the science (art) of porous,
inorganic membrane construction, both in the materials that can be used and the manner
in which they are made, in the last number of years. One of the areas of advancement is
work with the sol-gel method of construction and effectively using it to produce crack
and pin-hole free ceramic membranes (Julbe et al. (1993), Uhlhom et al. (1992c¢)).
Another key area has been development of chemical vapour deposition, chemical vapour
infiltration and electrochemical vapour infiltration methods (Lin and Burggraaf (1991,
1992), Uhlhomn et al. (1992a,b)) to modify the pore size of ceramic membranes.



L ke el dhel o i d o oSNNI

87

Materials are deposited in the pores and pore sizes consistently less than 10 A in

diameter result.

The topics of how to construct the membrane and what to make it out of are vitally
important, and are the key parameters in controlling the strength and stability of the
membrane at reaction conditions. However, this area of research is a huge topic on its
own and is really not covered in depth in this thesis. This research investigates
appropriate materials, but in the end uses commercially available membranes in the
manufacture of a membrane reactor. The method of preparation of the appropriate
membranes from available commercial membranes will be described later in this chapter,
but the question of manufacturing methods for porous, inorganic membranes will not be
discussed further.

4.2 Key Characteristics for an ODHD of Propylene Membrane Reactor

A membrane for this application must meet the following relatively stringent criteria. It
must be able to structurally withstand the temperature (450°C-650°C) and pressure (up to
450 kPa(g) on the high pressure side) of the reaction and there must be a way to build a
membrane reactor from the membrane. It must be relatively inert to the reactants (little
catalytic activity) at the reaction conditions and it must allow the correct amount of
oxygen or propylene to permeate through the membrane. As discussed in Chapter 1,
based on temperature and oxygen permeability constraints, only porous, inorganic
membrane reactors are to be investigated. It is presupposed that oxygen will be the
primary species that permeates through the membrane. The reason for this assumption is
that the stoichiometry of the ODHD of propylene reaction is 4:1 (propylene to oxygen)
and the reaction order of the primary and byproduct reactions indicate that oxygen partial
pressure should be kept as low as possible (this latter point will be discussed in more
detail in Chapter 7). As aresult, it seems logical that oxygen flow into the reaction zone
should be distributed evenly and that the oxygen concentration should be kept low in the

reaction zone.
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4.3 Selection of a Membrane Material

4.3.1 Screening of Potential Candidate Materials

The decision to use a porous inorganic membrane limits the choice to a ceramic, glass or
other metal oxide based material. Preliminary selection of material for testing was based
on inert materials typically used as catalyst supports that could also be used for

membrane construction. On this basis silica, a-alumina and y-alumina were selected for

testing.

The tests were carried out to determine the catalytic activity of the material in the
presence of oxygen and propylene at typical reaction temperatures for ODHD of
propylene. For all cases a standard “reaction” test based on typical operating conditions
was used. The operating conditions were taken as those found to give a high selectivity
with moderate conversion for ODHD of propylene over an unsupported - Bi,O;
catalyst. The preliminary Bi,O; testing had been carried out to verify appropriate
operation of the gas chromatograph and reactor system (furnace, flow controllers, etc.).
These material screening tests were carried out in a 12mm OD, 10 mm ID quartz reactor
according to the tubular reactor test protocol described in Section 3.2.1. Approximately
2.0 g of each material (in a bulk form rather than in any membrane form) was used. The
material was packed into the reactor with an annular thermocouple in the bed to measure
bed temperature. The bed was held in place by quartz wool plugs and stainless steel
screens (both inert). Each material was calcined at 660°C over night in an oxygen/helium
stream. The standard reaction conditions are given in Table 4.1. Each screening test was

carried out over approximately 3 hours.



Table 4.1 - Standard Reaction Conditions

Parameter Value
Temperature (nominal) 530°C
Pressure 105.9 kPa
Flow 125 scem
Mole % Helium 720r 76
Mole % Propylene 20
Mole % Oxygen 8or4

For y-alumina and silica it was necessary to increase the oxygen content of the feed gas

89

from 4% to 8% (decreasing the helium) to attempt to test the material in a situation where

oxygen consumption would be incomplete. Complete oxygen consumption indicates a

high activity for combustion reactions which is not desired in this application. The

increased oxygen content is necessary to determine how active the material truly is since

the activity would presumably decrease when all the oxygen is consumed. In the case of

v-alumina, even at the higher oxygen flow rate, oxygen was completely depleted. The

results of the tests are given in Table 4.2.

Table 4.2 - Membrane Material Bulk Reaction Test Results

Material
a-alumina y-alumina silica
32mmx32mm | 3.2mmx 3.2mm | 1.6 mm to 4.8 mm
pellets pellets spheres

Propylene Conversion (%) 5.6 12.5 7.1
Oxygen Conversion (%) 100 100 52.5
Propylene Selectivity to (%)

CO 25.3 21.1 38.5

CO, 71.0 67.3 41.1

Ethylene 2.7 32 3.7

1-Butene 0.0 6.5 1.1

Acrolein 0.0 1.0 12.0

1,5-Hexadiene 1.0 1.0 (as BZ) 3.2

The selectivities in Table 4.2 are given for measured products only and are based on

percentage of converted propylene that was converted to each product. The unmeasured

products, primarily coke (carbonaceous deposits) on the catalyst and tarry products
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deposited on the cool reactor outlet surfaces, were apparent to varying degrees in each

experiment.

There was some evidence of coke formation in each of the tests. The build up of coke
and tar during the y-alumina test was heavy. The closure of the carbon mass balance was
extremely poor and, overall, the y-alumina performed very poorly. There was little coke
formation in the a-alumina test. The only coke apparent visually was at the end of the
bed near the exit of the reactor where the oxygen concentration would have been very
low. It was assumed that oxygen either prevents coke formation or serves to oxidize the
carbon and remove it. Coke formation on the silica was worse than the coke formation
on a-alumina. Carbon build up was apparent in all particles. The smallest spheres were
completely black with coke but the larger spheres only appeared to have a central core
that was black. The phenomenon in the large particles is indicative of a mass transfer
problem in getting larger molecules back out of the centre of the particle, but this type of
thinking does not explain why the smaller particles had uniform coke deposition.

From the results of the screening tests it is apparent that none of the investigated
materials is particularly catalytically inert. y-alumina is the worst choice for a membrane
material likely due to its high surface area. This high y-alumina activity will be troubling
for the use of any alumina membrane since a layer of high surface area (small pore size)
alumina is usually part of an alumina membrane. It is this layer that provides the
selectivity in the permeability of various components and is the layer that most limits the
overall flux through the membrane. United States Filter Corp.’s Membralox alumina
membranes are an example of this type of construction where there are 3 membrane
layers with pore diameters of 40 A, 2000 A, and 8000 A all supported on a substrate with
15pum macropores. Even though the layer of the small pore material may be thin in these
composite membranes, the high activity of the layer made selection of this material seem
inadvisable. This type of membrane, whether Membralox or not, has been used by both
the Tonkovich group and the Santamaria group. They have both used methods of
attempting to decrease permeability, and as a side effect perhaps decrease activity, as

described in Chapter 2. The Santamaria group has also taken to doping the membrane
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with Li compound to try to decrease the membrane activity (Lafarga et al. (1994)). There
are still some question about some aspects of reactor construction that also detract from
the viability of this option. It is possible that an alumina membrane could be used for this
application given the correct membrane design and proper treatment (doping) of the
membrane to decrease the membrane activity. However, the use of y-alumina is not

considered further in this study. This approach could be a thrust of future work.

Although a-alumina proved to be less active than y-alumina it still had relatively high
activity for complete combustion of the propylene. The smaller specific surface area and
consequently larger average pore diameter of a-alumina, 2000 A (Tonkovich et al.
(1996a)), make it somewhat unacceptable as a permselective membrane on its own.
Diffusion through the pores would be by bulk diffusion and hence it would be difficult to
keep the reactants substantially separated (one of the goals) in a practical membrane
reactor. This problem can be partially overcome by sealing a large portion of the pores
and allowing a high transmembrane pressure difference and large flux to help prevent
back permeation (Tonkovich et al. (1996a)). One drawback to this approach is the
difficulty in achieving uniform distribution of the permeating feed. Another drawback is
that the very high flux through the membrane that would be required may not be practical
given the constraints of the reaction stoichiometry. One of the key problems with
alumina, in general, is that it possess both acidic and basic characteristics.
Dehydroxylation above 200°C results in the appearance on the surface of AI** ions
(Lewis acid) and the very strongly basic O ions. It is the effect of the O ions that is
observed in the «-alumina case as combustion reactions are highly promoted. It was not
clear that any type of treatment or doping of the membrane would permanently reduce the

basic characteristics of the alumina.

The results of the silica test indicated that it too is not inert to the reaction, but the results
did indicate that the activity is different from that of the aluminas. The activity is not as
high as for y-alumina and the surface must have a more acidic nature, based on the
product distribution, than a-alumina. It appears as if mass transfer effects and possibly

the binder used in the silica itself or an impurity may have been playing some role in the
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activity. Since pure silica should be relatively inert, further investigation of a silica-based

membrane was warranted.

One of the most widely known types of silica membrane is porous VYCOR glass.
Porous VYCOR glass, made by the Corning Corporation (Corning code 7930), is an
intermediate product produced in the process to manufacture consolidated (non-porous)
VYCOR glass. VYCOR is an impervious, high silica content (96%) glass which is
produced from a 70% SiO,, 23% B,03, 7% Na,O material (typical composition). Under
certain time and temperature conditions in the manufacturing process, this material
separates into two distinct phases: a silica rich phase and a boric acid phase rich in alkali
borate (Schnabel and Vaulont (1978)). This miscibility gap occurs between 523°C and
752°C. The boric acid phase is easily removed by leaching with a mineral acid leaving
an almost pure silica matrix with a residual 3% B,0s;. The pore size is not precisely
controlled in the process and Corning claims that the pore size will vary between
approximately 40 A and 70 A depending upon the thickness of the glass being
manufactured. The pore size distribution, however, is very narrow with 96% percent of
the pores falling within +£3 A of the mean pore diameter. To produce non-porous
VYCOR glass the porous material is heated to a temperature greater than 1200°C. At

this temperature the pore structure collapses and the glass is consolidated.

The porous VYCOR glass has a void volume of approximately 28% of the total volume
and has a specific surface area of approximately 200 m%/g. This large surface area would
not be beneficial for the ODHD of propylene under the best of circumstances. The small
pores will promote side reactions or over-oxidation of the hydrocarbon. The problem is
magnified in porous VYCOR by the surface composition. Although the glass contains
only 3% B,03, the formation process results in most or all of this residual boron being
located at the surface of the pores. Hair and Chapman (1966) found that boron is 5 to 6
times more plentiful at the surface than would be assumed by bulk analysis of the glass
and that 24% of the surface cations are boron. The boron will give the surface a very

acidic nature.
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It is not surprising, then, that when a crushed porous VYCOR sample (5.72 g) was
subjected to the standard reaction test with 4% O the results showed the VYCOR to be
very active. The VYCOR became heavily coked after 10 minutes on-line and the effluent
composition changed gradually with time, perhaps as a consequence of coke formation.
After 2 hours on-line oxygen conversion was 100% while the conversion of propylene
was 9%. The selectivity to CO; was 34%, the selectivity to CO was 51% and the balance
was to a variety of cracking and isomerization products (chiefly ethylene and butenes)
that are indicative of acid catalysts. It should be noted however, that even with this large
amount of VYCOR tested, oxygen could still be detected in the reactor effluent even after
an hour of reaction. In addition the coke was much easier to remove from the VYCOR
than from the other tested materials. Although there were certainly problems to be

overcome, the VYCOR showed some promise.

There are a number of compelling reasons to select VYCOR as the membrane material.

1. VYCOR comes pre-manufactured - no membranes need to be constructed - only
the reactor.

2. The pore size of the VYCOR is very appropriate for the application (proper for
Knudsen diffusion in the pores) and the distribution is very tight.

3. Previous work in the lab (1988) by another researcher had led to construction of a
quartz-porous VYCOR tubular reactor by U of A Technical Services Glass Shop.
Thus, construction of an appropriate reactor should be possible.

4. VYCOR is visually transparent and therefore it is easy to make visual observation

of the reactor. Alumina would not allow this luxury.

4.3.2 Treatment of Porous VYCOR

The only other known study using porous VYCOR as a membrane reactor for an
oxygen/hydrocarbon reaction is Ramachandra et al. (1996). They confirmed that the
VYCOR did display activity in the OCM reaction, but indicated no problems with coking

and were unconcerned with latent activity.
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However, in order to use the VYCOR as a membrane for the ODHD of propylene, the
acidic nature of the pore surfaces must be reduced dramatically. The acidity arises from
the surface boron and possibly from the surface of the silica itself. The presence of
weakly acidic silanol functional groups on the surface may have some effect, although at
higher temperatures (>200°C) dehydroxylation begins to occur. The silanol groups are
converted to strained siloxane bridges. This process is not complete at temperatures less
than 700°C, so the silica itself may contribute to the acidity in this case. To reduce
acidity due to boron, the boron must be removed or neutralized, and to reduce the surface
acidity of the silica the surface area should be reduced as much as possible and heated to

as high a temperature as possible to convert silanol to siloxane.

In consultation with the Glass and Glass-Ceramic Core Technology group at Comning
(Danielson (1995)) four methods of influencing the surface acidity of porous VYCOR

were suggested.

1. Steam treatment at 750°C for several hours.

2. Impregnate dry porous glass in an ammonium fluoride solution, rinse quickly in
deionized water and air dry. Heat to 750°C for several hours.

3. Impregnate dry porous glass in an ammonium fluoride solution and then immerse

in 95°C water for several hours then dry.

4. Treat glass in a flowing stream of NH; at 750°C for several hours.

Each of these methods should affect the surface acidity by different mechanisms. The
steam treatment will convert boron oxide to metaboric acid, which is volatile, by the
following reaction.

B,0y, + H,0 ,~ 2 HBO,, (4.6)

(2)
This reaction should remove most or all of the surface boron from the VYCOR as long as

mass transfer or reaction limits (interaction between boron and the silica surface) do not

restrict the reaction. The treatment with ammonium fluoride will, Corning claims, have
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two beneficial effects. First, they claim, that the NH4OH formed when NH4F dissociates
in water will “neutralize” the acidity of the boron and second, the HF formed from NH4F

dissociation will help dissolve the smaller “spider web”-type silica filaments that are left
in the pores after the VYCOR leaching process.

The reaction with ammonia at elevated temperatures (above 600°C) will produce boron
nitride, which is relatively chemically inert, by the following reaction.
—2BN ,+3 HO0

B,0,,, +2 NH 4.7)

3 (64] 2)

Two other methods were developed independently.

5. Treat glass in NaOH solution overnight and then remove unreacted NaOH from
pores by extended soaking in deionized water.
6. Treat glass in HCI solution overnight and then remove unreacted acid from pores

by extended soaking in deionized water.

The treatment in a weak aqueous NaOH solution should remove boron oxide by

producing aqueous borax in the reaction

2 B,0,,,, +2 NaOH

(aq)

- Na,B,0,, . + H,0 (4.8)

(ag) 2™ (aq)

and should remove the spider web silica from the pores by dissolution in the basic
solution. The drawback is that the base will indiscriminately dissolve the silica in the
VYCOR and will result in some structural breakdown in the glass. The treatment in

hydrochloric acid may be able to remove more boron oxide by the same mechanism that

Coming uses in its leaching step of the process.

All of the treatments were carried out starting with approximately 3 g of crushed VYCOR
(20x30 mesh). After treatment each sample was subjected to the standard reaction test
with 4% O; in the feed. Three of the four Corning treatments (#1, 3 and 4) were tested.
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The high temperature ammonium fluoride treatment (preceding point #2) was not used

due to lack of success with the lower temperature NH,F treatment. The results of the

standard reaction tests on the Corning treatment samples are given in Table 4.3. All the

tests showed 100% consumption of oxygen and the formation of coke. The NHsF

treatment produced results that were worse than untreated VYCOR.

Table 4.3 - Results of Standard Reaction Test from Comning Treatments

Treatment |Propylene| Selectivity | Selectivity| Selectivity Comments
Conv. (%)|to CO,; (%) | to CO (%) | to Acrolein
1 6 67 17 9 Visually coke looked heavy but, was
easy to remove. There were other
cracking products in small quantities.
3 10 23 20 10 Heavy coke and tar formation - only
60% of carbon can be accounted for.
4A 5 75 17 5 Uncalcined
4B 7 56 20 10 Calcined at 600°C for 15 hours

* Selectivities are based on total propylene conversion and sum to less than 100%
due to formation of unmeasured products

The results clearly indicate that none of these treatments alone is sufficient. The

ammonium fluoride treatment produced no benefit. The treatment with ammonia showed

promising results in that the acid characteristics and activity of the VYCOR are reduced.

However the test after calcination shows a return of activity and acid characteristics.

This change is likely due to boron nitride conversion back to boron oxide. This result

indicates that the boron has to be removed from the VYCOR, not merely converted to

another form for a treatment to be effective. The steam treatment reduced activity and

acidity to some degree, an encouraging sign, but could not sufficiently reduce either.

The attempt to remove more boron by acid leaching (treatment 6) proved to be
unsuccessful. It did not alter the VYCOR performance at all. Treatment with 0.038 M

NaOH, however, was much more successful. VYCOR treated in this manner gives only

1.85% propylene conversion and 30.5% oxygen conversion with 55% selectivity to CO,,

20% to CO and 25% to acrolein. There was no coke formation. In comparison to all the

other treatments the NaOH treatment is dramatically better. The activity of the NaOH
treated VYCOR, however, is still higher than would be desired.
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In an atternpt to further reduce the activity of the VYCOR the two most successful
treatments (NaOH treatment and steam treatment) were combined sequentially.
Treatment with steam first and in basic solution second provided no incremental benefit.
NaOH treatment followed by steam treatment, however, produced outstanding results. In
the standard reaction test propylene conversion was negligible and oxygen conversion
was less than 5%. There was no measurable production of carbon oxides. It should be
noted that the steam treatment temperature had to be limited to 600°C. The treatment of
VYCOR with NaOH weakens the pores by removing the spider web silica filaments
within the pores that give the pores added strength. Without these filaments the pores are
much more prone to collapse under high temperature conditions. Untreated VYCOR
does not even begin to experience linear shrinkage (pore collapse) until 750-800°C
(Shelekhin et al. (1995)). Almost complete collapse of the pore structure of the NaOH
treated VYCOR is evident at 750°C. Treatment at 600°C causes only limited pore

collapse.

There is little doubt that the pore structure and surface composition of the VYCOR has
been significantly altered by this dual treatment. The difference in activity is one key
indicator, but the analysis of the pore size distribution and specific surface area of the
VYCOR before any treatment and after the dual treatment is another clear indicator. The

comparison of the two states is shown in Table 4.4.

Table 4.4 - Pore Size and Surface Area of Treated and Untreated VYCOR.

Untreated | Dual treated
VYCOR VYCOR
Average pore 40 A 52A
diameter
Surface Area 188 m“/g 94 m*/g

While eliminating activity in the test sample is a very positive sign, it must be
remembered that the membrane will experience somewhat different conditions in actual
service. In service, oxygen will be diffusing through the pores at much higher

concentrations than 4% and higher pressures. The higher concentration and the fact that
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it is diffusing through the pores rather than diffusing into the pores may have some effect

on the observed activity. These issues are addressed in Chapter 6.

4.4 Construction of a Porous VYCOR Membrane Reactor

The design of the membrane reactor itself is constrained by three factors. The first factor
is that to produce reliable reactor operating data from which kinetic data may be
extracted, the entire reaction zone (membrane area) must be kept at a relatively constant
reaction temperature. Using a tubular reactor heated by a tubular furnace means that the
interfaces or connections between the membrane and non-membrane sections of the
reactor will have to be able to withstand reaction temperatures since they will be in the
middle of the furnace. The second factor is that the non-porous sections of the reactor
need to be absolutely leak proof and inert. The third factor is the ability to form
appropriate joints between metallic and non-metallic sections of the reactor. For example
joints between the “shell” (usually metallic) and “tube”(non-metallic) and the tube and
feed lines (metallic) must, at the very least, be able to hold pressure. Within these

constraints a number of design options exist.

There are two construction methods that have evolved in porous membrane reactor
design to deal with the constraints. The first method is to design the entire reactor out of
the porous material and simply seal the pores in the sections which need to be non-
porous. Numerous research groups have used an enamel (Lafarga et al. (1994),
Tonkovich et al. (1996a)) or colloidal silica (Omata et al. (1989)) to seal the pores of an
alumina membrane to create the non-porous sections. Although this method has been
very successful, there is no reference in the literature of it ever being attempted with a
porous glass membrane. A method of sealing porous glass which has been successful is
to flow SiH4 and O, from opposite sides of the membrane so as to react within the pore
structure to form a very thin layer of SiO, within the pores (Gavalas et al. (1989)). When
the pores are completely sealed the reaction ceases. Another approach used by
Ramachandra et al. (1996) is to heat treat the VYCOR section that are to be non-porous

unti] all the pores in those sections have collapsed. In effect they made those sections
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into non-porous VYCOR in the same manner that Corning does. These latter two
approaches were considered but it would have to be applied after the VYCOR tubing has
been completely treated. Uniform treatment of 2-3 ft sections of VYCOR tubing proved
to be exceedingly difficult and there was great uncertainty as to whether heat treatment of
a large section of the treated VYCOR would have produced a truly non-porous tube.

Thus neither of these two approaches was attempted.

The second design method is to use only a small membrane section and physically or
mechanically seal it to the non-porous sections of the reactor. Champagnie et al. (1990,
1992) have used a shell and tube design with an alumina inner tube as the membrane.
They seal the membrane to the outer shell by means of graphite string and compression
fittings. They, however, were investigating dehydrogenation reactions (without oxygen
present) and there is some question as to whether the graphite seal could withstand high
temperature and an oxygen environment. For lower temperature applications, epoxy has
been used (often in construction of diffusion cells) to connect porous glass membranes to
inert tubing (Okubu and Inoue (1987)).

A third possibility exists for porous glass membranes, and that is to fuse the porous glass
to an inert quartz tube. Treatment of the end sections of the cylindrical porous glass
membrane at high temperature will cause collapse of the pore structure and will produce
a non-porous, silica glass. Quartz can be bonded to this non-porous material with regular
glass working techniques. An effective method of construction for this design has been
developed by the Scientific Glass Blowing - Technical Services (U of A). Within the
open literature there are a few examples where the experimental apparatus is described as
quartz “bonded” to porous VYCOR but no details on the type of connection are given
(Shindo et al. (1983, 1984)).

Although the process to fuse untreated porous VYCOR to quartz is time consuming,
difficult and delicate, the personnel with the skills exist at the University of Alberta and
the results have proven to be consistently excellent. This type of bond will readily

withstand the temperatures and pressures of the ODHD process and hence it was selected
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as the primary method of construction. A second method using a high temperature epoxy

adhesive was also investigated.

Fusing of the treated VYCOR (NaOH followed by steam treatment) to quartz proved to
be much more difficult than for untreated VYCOR. In order to treat the membrane
effectively, the treatment process had to precede the construction of the reactor.
Treatment of the VYCOR tends to weaken its structure to some degree and this problem
became evident when the material was heated to temperatures necessary for fusion. The
treated VYCOR had a high tendency to crack under this thermal stress. In addition the
treated VYCOR tended to produce bubbles within the pores as it reached the fusion
temperature. This problem had been encountered with untreated VYCOR but it was not
extreme and the bubbles could be delicately picked out of the VYCOR before it cooled.
The problem was so extreme with the treated VYCOR that the bubbles could not be
removed and it was impossible to produce a strong gas tight bond between VYCOR and
quartz. The glassblowers described the phenomenon as foaming. This approach had to

be abandoned since reliable, repeatable construction of reactors was not possible.

The use of an adhesive to glue the membrane to quartz would certainly avoid many of the
difficulties encountered when trying to fuse VYCOR to quartz in the traditional manner.
Since no thermal glass working of the VYCOR would be required, the problems of
cracking and foaming would be avoided and the simplicity of the construction method
would likely increase the consistency of reactor quality. The problem in this application,
of course, is finding an adhesive that will withstand the process temperatures and still
provide a strong gas-tight seal between quartz and VYCOR. Normally this alternative
would have been immediately discarded, but the glass shop had procured a high
temperature adhesive, ROCKSETT, that the distributor claimed could produce a gas-tight

seal at temperatures in excess of 750°C.

A preliminary tests of the adhesive was conducted by gluing two non-porous glass plates
together. The adhesive produced a very strong bond between the plates even after

exposure to 565°C heat with the use of very little adhesive. Given this success, a reactor
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with a VYCOR membrane joined to two pieces of quartz tubing with socket joints was

constructed as shown in Figure 4.3.

Adhesive
P S
Quartz VYCOR Quartz
T — =

Figure 4.3 Adhesive Bonded Membrane Reactor Prototype

Although the adhesive flowed readily into the socket joints, the porous VYCOR tended to
draw some liquid into the pores and upon drying the adhesive tended to bond poorly with
the VYCOR at the outer lip of the socket joint. As a result a gas tight seal was difficult to
achieve even though the bond between VYCOR and quartz was very strong. The gas

tight seal could be restored by repeated addition of adhesive around the leaking area. The

bond was capable of holding 50 kPa pressure at ambient temperature.

A much more serious problem than gas leakage developed when the prototype reactor
was heated to reaction temperatures of ~530°C. The epoxy turned from amber to gray in
colour and dramatically changed form. Instead of the solid material present at ambient
temperatures, the gray material was very porous and crumbled at the touch (at least the
material that was outside the socket joint). The epoxy appeared to foam as indicated by
the fact that it expanded radially inward and broke the VYCOR contained within the
socket joint. Subsequent testing of the adhesive in inert and oxygen atmospheres showed
that the transition in the state of the adhesive was purely a thermal phenomenon that
occurred between 325 and 400°C. The rate of heating had a strong bearing on the degree
to which the epoxy foams, but it did not change the final form of the epoxy as a porous
material. Although the bond was still mechanically very strong, it was never gas-tight. It
appears that the volatile material in the epoxy evaporates in the stated temperature range.
Rapid evaporation leads to greater foaming. This failure meant that the use of high

temperature epoxy was not a viable method of construction.
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A third method of bonding VYCOR and quartz had originally been rejected because it
results in a diameter restriction at the inlet and outlet to the membrane section of the
reactor. There is no indication in the open literature that this method had ever been tested
and there was some concern as to whether or not a proper seal could be achieved. The
method depends on the radial shrinkage that tubular porous VYCOR undergoes as it is
heated to form consolidated VYCOR. The process basically involves heating the
VYCOR to a high enough temperature in a specific location that it “shrink wraps” itself
around a quartz sleeve to form a fused joint. A simplified schematic drawing of the

construction process is shown in Figure 4.4.

Quartz ﬁ:’ VYCOR  wemmpp  Quartz ‘: VYCOR

=

~
\.

Heat ~

\5\1
Figure 4.4 Shrink Wrap Construction Process

The small end sections of the VYCOR membrane that were consolidated to form the joint
still suffered from the bubbling problem mentioned previously. However this type of
socket joint provides a much larger surface area over which the joint is formed compared
to the butt joint that is formed with the traditional method of glass working. In this way
the bubbles are not interfering with the joint and proved not to be a problem. High
strength, gas-tight connections between quartz and VYCOR could be consistently made
with this method. In fact, if the original attempt to form the joint does not produce a gas
tight seal, the material need only be re-heated and the joint re-worked. The only
significant drawback inherent in this design is the diameter restriction of the quartz inner
sleeve. Compared with the advantages that this method of construction has, the
drawback is not a serious problem and hence the “shrink wrap” process was selected as
the method of construction. A more detailed description of the construction process is

given in Appendix A.
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The VYCOR tubing used in this research comes from Corning as nominally 17 mm OD
with 1.5 mm wall thickness. In reality the material dimensions are found to have some
variability and are in the range 14-14.5 mm ID, 17-17.5 mm OD. The NaOH step of the
treatment process is very harsh and actually removes a noticeable amount of material
from the VYCOR. The result is that after treatment the tube dimensions are 14.5 mm ID,
16.5 mm OD. The quartz tubing to which it is bonded is 15 mm ID, 18 mm OD with the
quartz sleeve being 12 mm ID, 14 mm OD. The total VYCOR tube portion of the
reactor is 75 mm. Of this length approximately 10 mm of tubing is required on each end
to make the shrink wrap joint. As a result the remaining porous tube length in the fully

constructed tube section of the reactor is 55 mm. The dimensions of the assembled tube

are shown in Figure 4.5.
R — i
F ——t
318 mm 3 —55mm
326 mm
720 mm

Figure 4.5 Dimensions of Membrane Reactor Tube Assembly

The final step in the construction of the reactor is a decision regarding the type of shell
material to use and how to connect the tube to the shell and to the feed lines. In high
temperature applications the use of stainless steel (SS) for the shell is preferred because it
easily resists the temperature and will hold pressure, it is easy to work with and connect
to process tubing and has very low specific surface area. For shell and tube type
membrane reactors a metal (usually SS at the bench level of research) shell is most
common and was selected for this application. A 25.4 mm OD 316L SS tube fitted with
25.4 mm Swagelok Tee fittings on either end forms the bulk of the shell.

This design allows all the connections between quartz (tube) and metal (tube side process
lines and shell) to be made outside the furnace. As is usually the case for such
connections they are made with appropriate gasket material and compression fittings. In
this case two sets of 19 mm Cajon vacuum fittings with Viton o-rings are used to make
the compression fitting connection to the 18 mm OD, 15 mm ID quartz tubing. One set

of fittings is used for the tube to shell joints and the second set of Cajon fittings is used to
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connect the inlet and outlet (tubeside) of the quartz reactor to the SS feed and effluent
line tubing. Since all of these connections are made outside of the furnace, they are only
subject to heating by conduction through the SS and quartz. The temperature at the shell
to tube seal is well below the allowable Viton limit of 204°C. These seals are capable of
withstanding a differential pressure of 450 kPa. There are a variety of other Swagelok
fittings to facilitate the proper connection of the process lines and for entry of
thermocouples into the reactor. Figure 4.6 is a schematic drawing showing the reactor
details. Although the outlet of the shell is shown to be capped, the cap can be replaced to
allow a continuous sweep flow through the shell if desired. A snug fitting quartz tube (20
mm ID, 22 mm OD) is placed along the entire length of the interior of the shell
(stretching from Tee fitting to Tee fitting) to act as a sleeve and prevent any catalytic
activity by the SS shell. This topic will be further discussed in Chapter 6.
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