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Chapter 1 Introduction

Problem Statement

More stringent water quality regulations have been implemented, resulting in the use of
ozone to meet requirements for water and wastewater treatment. Ozone is a highly
effective means of treating both drinking water and wastewater. An important component
of the optimization of this treatment process lies in the reactor’s ability to efficiently
transfer the ozone gas into the liquid, with minimal off-gassing. Recently, an impinging-
jet bubble column reactor (DBCR) which employs venturi injectors as gas distributors
has been proposed. The purpose of this work was to investigate the applicability of the
transient and steady-state backflow cell models for modeling the hydrodynamic and mass

transfer characteristics of the impinging-jet bubble column.

Research Objectives

The objectives of this research are to model:
1) the backflow ratio (i.e. backmixing) of the reactor;
2) the gas hold-up of the reactor;
3) the properties of the bubbles in the reactor; and

4) the ozone mass transfer characteristics of the reactor.
The data used for this research was taken from the work of Gamal El-Din (2001d), who

carried out experiments on an impinging-jet bubble column. The bubble column was

operated under co-current upward flow conditions, with the venturi injectors operating in
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both injection (positive pressure) and ejection (negative pressure) modes. Collected data
includes: 1) tracer data; 2) gas hold-up data; 3) bubble size data; and 4) dissolved ozone
concentration profile data. The collected tracer and dissolved ozone concentration data
were subject to analysis using the transient and steady-state back flow cell models
respectively. These models were originally proposed by Gamal El-Din and Smith (20013,

2001c¢), who also proposed a hydrodynamic model.

The operational conditions of the impinging jet bubble column were summarized based
on two operations:
1) Tracer studies
a. steady state operation in terms of gas and liquid flow rates;
b. impulse tracer input;

venturi operation modes: injection and ejection;

o

d. theoretical hydraulic retention time: 48 to 190 seconds;

o

superficial liquid velocity: 7.71 x107 t0 2.82 x10 m/s; and
f. superficial gas velocity: 8.90 x10™ to 1.54 x107 m/s.
2) Ozone dissolution
a. steady state operation in terms of gas and liquid flow rates;
b. bubble column operation modes: co-current and counter-current;
c. gas introduction modes: injection and ejection;
d. superficial liquid velocity: 7.50 %10 to 2.80 x10 m/s; and

e. superficial gas velocity: 1.80 x10” to 1.40 x107
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With the application of the transient and steady-state back flow cell modes, backmixing
and overall mass transfer coefficient models were to be developed. These parameters
were then correlated with the superficial gas velocity (ug), and the superficial liquid

velocity (u) of the reactor.
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Chapter 2 Literature Review

With increasing concern surrounding waterborne pathogens in drinking water, as well as
increasingly stringent régulations for contaminants present in wastewater, ozone has
emerged as a promising alternative. Unlike chlorine, ozone reactions with organics do not
produce trihalomethanes, an important public health concern (Marifias et al. 1993).
However, reactions with natural organic matter (NOM) that contains bromide result in
brominated by-products, of which the bromate ion is particularly worrisome. Ozone
displays superior disinfecting abilities when compared with chlorine, chlorine dioxide,
and chloramines because of its high oxidizing potential. It is, up until now, one of the
best disinfectants for inactivating the waterborne pathogen Cryptosporidium parvum

(Long et al. 1999).

Apart from its most common use as a disinfectant, ozone is also a popular agent used for
controlling tastes, odours and colour, and as a coagulant aid, as a method of controlling
algae growth, and as an oxidizing agent. Ozone is readily able to oxidize inorganic
materials (iron and manganese), organic micropollutants (taste and odour causing
compounds, pesticides), and organic macropollutants (colour imparting compounds)
(Long et al. 1999, Beltran et al. 2001). Ozone is also used to treat industry effluents and

domestic wastewater (Beltran et al. 2001).
In addition to being used on its own, ozone can be used in conjunction with ultraviolet

(UV) irradiation and hydrogen peroxide (H,O,). Combinations of these technologies,

known as advanced oxidation technologies, allow for the generation of the hydroxyl
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radical (*OH) that has very powerful oxidizing abilities. This type of process is known as

advanced oxidation technologies (Beltran et al. 1997).

Brominated by-products are often created from reactions between ozone and bromine
containing NOM. These are of primary concern as the bromate ion is currently classified
as a possible human carcinogen, and as such, its presence in water is regulated ( 10 pg/L)
(Singer and Reckhow 1999). The two most effective means of controlling the formation
of bromate are lowering the pH of the solution and minimizing the concentration of
residual ozone (Reckhow 1999). If bromate ions are formed, there are methods available
for their removal. Chemical reduction using reduced sulfur compounds is common, as
well as absorption with granular activated carbon (GAC), and decomposition by means of

UV irradiation (Snoeyink and Summers, 1999).

Ozone Reactivity

Once it dissolves in water, ozone is a highly reactive molecule, and as such, there are
many reactions occurring at the same time (Singer and Reckhow 1999). The two primary
methods in which ozone will react in a system include: 1) direct reaction with molecular
ozone; and 2) indirect reaction with radical species formed when ozone decomposes in

water.
Direct reactions with molecular ozone are limited and selective; some reactions are rapid

while others are slow. Alternatively, indirect reactions with -OH are fast and are not

selective. Research has shown that reaction rates initiated by the -OH tend to be much
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quicker, and range between 10 to 10" 1/m-s (Singer and Reckhow 1999). Generally, the
rate determining step for the oxidation of compounds by means of -OH is the rate at

which the hydroxyl radicals are generated (Singer and Reckhow 1999).

Research on ozone reaction kinetics has been extensive, however, there are some
discrepancies. Some studies report a second order reaction (m = 2) occurring in ozone
demand free water, others report first order reactions (m = 1), while still others have
determined the reactions to be pseudo-first order reactions (Gurol and Singer 1982,
Sotelo et al. 1989). The variation in the reaction rates is attributed to the constituents in

the water (Martin et al. 1992).

A simple kinetic model is as follows:

=ko,]I" Equation 2-1

Where r = rate of decomposition of ozone [1/s]
k = reaction rate constant [1/s]
[Os3] = concentration of ozone [mg/L]

m = order of reaction [dimensionless]

The kinetic rate constant (k) is a function of the pH of the system and the concentration

of hydroxyl radical scavengers (Sotelo et al. 1989).
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Oke et al. (1998) discussed the constantly decreasing decay kinetics of ozone. A model

that takes into consideration the changing water characteristics is proposed as follows:

k=a+b exp'm[oﬁ] Equation 2-2

Where k = specific ozone utilization rate [1/s]
a, b, ¢ = kinetic parameters based on concentration — time data
AQ; = change in ozone concentration

This formula uses the same basis as Equation 2-1, where k is replaced with the term k.

Ozone decomposition reactions are very fast, ranging from seconds to minutes. This
characteristic of ozone implies minimal ozone residue will be found in treated water. As
such, ozone is generally applied directly into microorganism reduction contactors as the
primary disinfectant, with the addition of another disinfectant (i.e. chloramines) to supply

a residual disinfectant concentration.

The auto-decomposition of ozone is affected by several factors: 1) temperature; 2) pH;
3) ultraviolet (UV) light; 4) concentration of ozone; 5) concentration of radical
scavengers (carbonate and bicarbonate species); 6) hydrogen peroxide concentration;
7) ferrous ion concentration; and 8) natural organic matter concentration (Bablon et al.
1991, Singer and Reckhow 1999). Oke et al. (1998) also noted the influence of alkalinity

and hardness on the decomposition of ozone.
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At lower pH levels ( <7), the decay of ozone is dominated by direct reactions, and
influenced only minimally by the initiation reaction caused by hydroxyl radicals (Sotelo
et al. 1987, Masschelein 2000). As the pH level increases, the decomposition of ozone
occurs due to the initiation reactions of the hydroxyl radicals and the presencé of
hydroxide ions. The hydroxide ions will subsequently generate hydroxyl radicals and
peroxy radicals. At pH values greater than 9, the role of the hydroxide ion increases

(Masschelein 2000).

Radical scavengers (bicarbonate and carbonate species) react with hydroxyl radicals,
slowing down the chain of decomposition reactions (Singer and Reckhow 1999, Marifias
et al. 1993). This decrease in decomposition rate will result in one of two possibilities: 1)
availability of ozone for direct and selective reactions increases; or 2) fewer hydroxyl

radical oxidation reactions will occur (Bablon et al. 1991).

Ozone Contactors

The main objective of contacting units is to allow for contact time between ozone and
constituents present in the liquid to be treated. These contactors must also effectively
promote the mass transfer of ozone gas into the liquid phase. Finch et al. (2001)
recommend that ozone contactors be designed in such a fashion as to ensure that a
“maximum mass of ozone is introduced with complete, instantaneous mixing to further
the chemical reaction”. Primarily, efficient ozone contactors are designed with
consideration to the hydrodynamics of the contactor, thé development of residual ozone,

as well as the distribution of ozone in contacting units. However, the following
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parameters must also be taken into account: 1) concentration-time (Ct) concept; 2) ozone
transfer efficiency; 3) detention time; 4) ozone dose; 5) ozone residual; and 6) efficiency

for oxidation or disinfection (Bellamy 1995).

Factors that may influence the efficiency of reactors include: 1) method of contacﬁng the
ozone gas and the liquid; 2) configuration of the contacting unit; 3) use of baffles and
their placement in the contacting unit; 4) placement of the diffusing apparatus; 5) water
flow rates that must be accommodated for; 6) the gas to liquid flow ratios with respect to
the flow rates; and 7) the minimum rate (most efficient) of gas flow to achieve the ideal

mixing and residual time (Bellamy 1995).

Hydrodynamics

To ensure the most efficient operating system, the hydrodynamics of ozone contactors
must be accurately modeled. It is most useful to accurately model full-scale operations,
under realistically more complex conditions. Some of the more important parameters that
should be considered when modeling reactors include: 1) geometry of the reactor;
2) retention time; 3) dissolved ozone concentration throughout the reactor; 4) operational

conditions of the system; and 5) mixing characteristics of all phases (Bellamy 1995).

Perhaps the most difficult parameter to model within a reactor is the mixing
characteristics of the individual phases (gas phase and the liquid phase). The difficulty in
modeling various phases lies simply in the fact that mixing is rarely is ideal. The actual

phases are not represented by the ideal mixing cases, but more as a combination of these.
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Ideal cases that are easily modeled include: 1) batch reactors; 2) plug flow reactors; and
3) completely mixed flow reactors. However, in most cases, the approximation to ideal
flow is not realistic. Particular to bubble columns, a portion of the liquid phase is
backmixed, thus demonstrating less than ideai flow conditions (Deckwer et al. 1983).
Consequently, models have been developed in an attempt to model the flow of gases and
liquids in realistic situations. The developed models generally fall into two categories:
1) continuous models; and 2) discrete models. In both cases, the complexity of the model

depends on the number of parameters used as input variables (Kastanek et al. 1993).

Continuous (Differential) Models

At the time of their development, these models consisted of differential equations used to
characterize the hydrodynamic behaviour of the ozone contactor. These models are
derived for mixing conditions that deviate slightly from an ideal plug flow regime
(Kastanek et al. 1993). Generally, continuous models are used when describing turbulent

flows in pipes, very long tubes with laminar flow, and others (Levenspiel 1999).

The most common differential model is the Axial Dispersion Model (ADM). The ADM
assumes: 1) dispersion is represented by diffusion laws; 2) concentration profile is
uniform in the radial direction; and 3) axial dispersion is uniform throughout the water
column (Marifias et al. 1993). The ADM resembles the plug flow regime, with some
degree of backmixing superimposed on top (Zhou et al. 1994). Zhou et al. (1994) further

described the backmixing process as being the redistribution of material by slippage or

10
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eddies, repeated during the course of the flow of the fluid through the reactor. This model
should be applied to systems that deviate only slightly from the ideal plug flow regime,
such as cases where the ratio between the height and the diameter of a column is high

(Kaktanek et al. 1993).

The ADM is based on the similarities between the axial mixing of a fluid and the

diffusion of a fluid. As such, Fick’s law of diffusion governs (KaStanek et al. 1993):

ic_zD d*c

e Equation 2-3
7 a

Where Dy = liquid axial dispersion coefficient = molecular diffusion + turbulent
diffusion [m¥/s]
¢ = tracer concentration [mg/L]

x = axial coordinate [m]

If a convective flow (turbulent diffusion) is assumed, the dimensionless equation that

describes the hydrodynamics of a bubble column becomes:

2
fi——q = 1 . d S F —cz—c— Equation 2-4
de Pe, | dz dz
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C

Where C =— Equation 2-5

cO

z=2 Equation 2-6
L
{- .

0= ZlL Equation 2-7

-L
Pe, = Y1 Equation 2-8
‘DL

C = dimensionless tracer concentration

¢ = tracer concentration [mg/L]

C, = mean tracer concentration in the reactor corresponding to a given
volume of pulse feed [mg/L]

z = dimensionless axial coordinate

x = axial coordinate [m]

L = characteristic length of the reactor [m]

0 = dimensionless time

t=time [s]
Pe; = liquid phase Peclet number [dimensionless]
u = superficial velocity of convective liquid flow [m/s]

Dy = liquid phase diffusion coefficient [m?/s]

Mixing is generally caused by three mechanisms: 1) convection; 2) turbulent eddies; and
3) molecular diffusion (Yang et al. 1992). The degree of mixing is characterized by the

dimensionless Peclet number (Per). Intuitively, from the equation describing Pey, it is

12
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obvious that as the superficial liquid velocity increases, the Pep will increase. In cases
where the flow regime approaches that of plug flow (increasing uy), Pey, is equal to
infinity. In situations when the flow regime differs significantly from the plug flow
regime, Pe; = 0 (i.e. completely mixed systems) (KaStanek et al. 1993). Moustiri et al.
(2001) also determined that the degree of liquid phase mixing depended on the superficial
velocities of both the liquid and the gas: 1) at a specific uy and as ug increased,
backmixing in the liquid phase decreased; and 2) at a specific ug, backmixing in the

liquid phase increased with an increase in u.

Other models included under the category of differential equations include (Kastanek et
al. 1993):
a) Multistage dispersion model
i. The number of stages in the reactor, as well as the Pep number
can define the backmixing of the fluid. Two parameters
increase the model’s flexibility and applicability; and
ii. A combination of plug flow and axial dispersion flow.
b) Cross-flow model
i. Existence of two liquid phase regions: plug flow and stagnant
flow; and
il.. Mixing occurs between these two regions.

¢) Time-delay model

13
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i. Assumes plug flow of the liquid superimposed with fluid
elements that rejoin the main fluid stream after a certain time

delay.

Discrete (Combined) Models

When modeled under steady state conditions, discrete models generally result in sets of
algebraic equations. The discrete models can be further divided based on the extent of
fluid backmixing: a) single-stage combined models; and b) multistage (cascade) models.
With these models, there are approximately four types of flows that are simultaneously
occurring. These flows include zones of plug flow regime, axial dispersion flow regime,
zones of perfect mixing, as well as dead zones. All these types of flow are interconnected
by flow through the main flow stream, cross-flow stream, circulation flow stream, or by-

pass flow stream of the fluid (KaStanek et al. 1993).

Discrete flow models are generally applied to situations where the flow of the fluid
deviates only slightly from an-ideal completely mixed regime. Some of the discrete
models that have been developed were used to model mixing in areas in the reactor where
it was assumed that no mixing occurred. In reality, however, there is some degree of
mixing occurring in these zones. In other developed models, a slow exchange of mass

between the perfectly mixed zone and the dead zones is assumed (KaStanek et al. 1993).

Stagewise models that have been developed represent the axial mixing occurring in

different stages of a reactor of constant volume. These stages are generally
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interconnected by the main and backflow streams of the fluid. In these situations, the
extent of the mixing is usually characterized using the number of stages in the reactor, the
backflow ratio (backflow rate from the proceeding cell divided by the liquid flow rate
through the reactor), and the parameters associated with the stagewise model that is being

used (Kastanek, 1993).

The simplest of the stagewise models, termed the cell model, is also referred to as the
continuous flow stirred tanks in series (CFSTR in series). This model assumes that there
is a series of perfectly mixed stages in the reactor and no backflow between stages. The

mathematical equation describing the cell model is as follows (Kastanek et al. 1993):

2 ~u;-L
D D —=
! =2-( L )—2-( L J ql-e ™ -Equation 2-9
N cesw u,-L u,-L

Where Ncrstr = number of cells in the modeled reactor
As the flow becomes less ideal, the backmixing of the liquid in the reactor stages can be

modeled. ‘A proposed relationship between the backflow of cells and the axial dispersion

model is as follows (Kastanek et al. 1993):

2 Equation 2-10
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Where f, = backflow coefficient = ratio of backflow between adjacent stages to the net

flow of a phase through the reactor

Variations on Equations 3 and 4 are extensive, each being based on the interconnectivity

of the different reactor stages.

As was the case with continuous models, there is a term to describe the occurrence of
backmixing. With respect to the cell models, this term is the backflow ratio (r). The
relationship between the Peclet number and the backflow ratio is as follows (Smith and

Gamal El1-Din, 2002):

D -g N
r:%:iv}f”ﬂ_()j: L %L LBFCM -0.5 Equation 2-11
L € Uy -

Where Qg = back flow rate
QL = liquid flow rate
Ngrem = number of cells in series
Pe, = Peclet number of the liquid phase (dimensionless)
Dy, = liquid-phase axial dispersion coefficient (n%/s)
gL = liquid-phase holdup (dimensionless)
ug = superficial liquid-phase velocity (nv/s)

0.5 = refers to the perfect mixing level within each cell
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Bubble Flow Regimes

In reactors, the prevailing hydrodynamic characteristics of the gas phase will depend on
the bubbling regime. There are four primary regimes: 1) bubbly-flow; 2) turbulent; 3)

slugging; and 4) homogeneous (Kastanek et al. 1993).

The bubbly flow regime is characteristic of systems that display a nearly uniform
distribution of bubble sizes throughout the reactor, as well as a uniform radial distribution
of these bubbles. Generally, individual bubbles do not interfere with each other while
rising, and have rise velocities equal to the rise velocity of free bubbles in an infinite
liquid range. Bubble rise velocities range from 0.2 to 0.3 m/s in air water systems.
Bubbly flow regimes are a characteristic of systems with low superficial gas velocities { <

0.05 m/s) (KaStanek et al. 1993).

A mixture of large and small bubble sizes characterizes a turbulent flow regime, also
termed heterogeneous flow regime. The bubbles in this system undergo simultaneous
coalescence and break-up. In this system, bubble rise velocities can range up to 1 m/s

(Kastanek et al. 1993).

The slugging regime is also known as the plug-flow regime. This type of flow is
generally found in bubble columns with diameters smaller than 0.15 m. The large bubbles

tend to be comparable in size to the diameter of the column (KaStanek et al. 1993).
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The fully developed homogeneous bubbling -regime can exist in turbulent flow situations.
In these conditions, there is a demonstrated uniform bubble distribution, with the bubbles
in close proximity to one another. As such, there is a nearly constant bubble rise velocity,
and negligible interference (Kastanek et al. 1993). Kulkarni et al. (1983), illustrated that
the prevailing hydrodynamic condition occurring in a downflow bubble column is
homogeneous flow. The authors noted that attaining homogeneous conditions in an
upflow bubble column will occur only at ug < 0.05 m/s. It has been reported that during
the homogeneous bubbling regime, the gas hold-up is a linear function of the superficial
gas velocity (Krishna et al. 1991, Moustiri et al. 2001). However, as the flow regime
transitions to a heterogeneous flow, this linear dependence is no longer displayed

(Krishna et al. 1991).

Gamal El-Din and Smith (2003b) studied the properties of bubbles produced in an
impinging-jet bubble column using both digital photographic techniques and particle
dynamics analyzer methods. They noted that the gas phase turbulence in the axial
direction would increase at a near linear rate as ug increased, and that when the
superficial gas velocity was held constant, an increase in uy, resulted in an increase in gas
phase turbulence. They further confirmed that, at low ug values (ug <4.5 x 10° m/ s), an
increase in turbulence as uy, increased could be a result of the bubbly flow regime. This is
discussed as being a result of decreasing Sauter mean bubble diameter causing an
increase in the entrainment of gas bubbles in the reactor. Gamal El-Din and Smith

(2003b) also noted that, at high ug values (ug =4.5 x 10~ m/s), the gas phase turbulence
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in the axial direction decreased as uy, increased, most likely because the gas-liquid flow

regime approached that of homogeneous bubbly flow regime.

The transition between the homogeneous bubbling regime and the turbulent flow regime
must be considered, as the interfacial mass transfer rate can be significantly affected. It
has been shown that in the homogeneous flow regime, higher gas hold-up values have
occurred, resulting in higher specific interfacial areas and higher volumetric mass transfer
rates (KaStanek et al. 1993). Reilly et al. (1994) suggested that the transition from
homogeneous to heterogeneous flow is highly dependent on the density of the gas phase;
as the density of the gas increases, the superficial gas velocity at which the transition
occurs increases. The critical superficial gas velocity at which the transition occurs will

decrease with an increase in liquid viscosity (Deckwer and Schumpe 1993).

The transition between homogeneous and heterogeneous flow regimes was studied by
Zahradnik and Fialova (1996). The links between the bubbling regime and the mixing of
individual phases were investigated. In their co-current bubble column, the extent of the
mixing of both phases was characterized by their respective Peclet numbers. Prior to the
transition from homo géneous flow to heterogeneous flow, the axial mixing of the gas was
low, and increased linearly to the point of transition. In the heterogeneous flow regime,
the exfent of axial mixing varied slightly with the gas flow rate. At values of ug =0.12
m/s, the Peclet number remained constant, indicating that mixing was determined

primarily by the extent of liquid circulation with a minimal effect from gas dispersion.
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Bubble Columns

Bubble columns are perhaps the most common type of contactors, operated in many
forms (single stage to six stages contacting units). These reactors can be operated in both
co-current and counter-current flow, as well as in semi-batch modes (Charpentier 1981).
Bubble columns are simple and inexpensive reactors capable of operating successfully
when efficient and fast ozone dissolution is required, or when ozonation is required in
situations where chemical reactions control the rate of the ozonation reactions. These
reactors are highly efficient, displaying high mass transfer abilities, and lower energy
requirements than other reactors (Bollyky 1981). The mass transfer efficiency in these
reactors is influenced by the concentration of ozone in the gas phase, the gas and liquid
flow rates, as well as the water depth and the size of bubbles created (Kuo and Yocum

1982).

According to Deckwer and Schumpe (1993) bubble column reactors offer the following
advantages: 1) minimal maintenance; 2) high liquid phase content for reactions to occur;
3) superior heat transfer properties and temperature control; 4) good interphase mass
transfer; 5) handles input of solids in the system; 6) minimal space requirements; and

7) cheap construction costs.

The main disadvantage of bubble colummns is the large degree of liquid phase back-
mixing that occurs. Proper modeling is therefore essential to make accurate estimates of
its capabilities (Charpentier 1981, Deckwer and Schumpe 1993). Other disadvantages

include: 1) high gas pressure drop due to the high static head of the liquid; 2) decrease in
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the specific interfacial area for length/diameter ratios greater than 12 to 15 because of
coalescence (coalescence may be minimized by inserting fixed or fluidized packings,
grids, or perforated plates, or by pulsation); and 3) channelling of gas bubbles, as well as
inadequate contact between the ozone and the liquid, can occur under low gas flow rates.

Deckwer and Schumpe (1993) noted that the coalescence of bubbles is also a problem.

Zhou et al. (1994) determined that in the counter-current and co-current flows, the
dissolved ozone profiles are affected by the extent of the backmixing process, the mass
transfer process, and the decay of ozone. Zhou et al. (1994) stated that under identical
operational conditions, the counter-current flow is much better than the co-current flow in

terms of ozone absorption efficiency.

According to Briens et al. (1992), bubble columns operated in a liquid downflow regime
resulted in larger gas hold-ups, when compared with bubble columns operating in a liquid
upflow regime. In downflow bubble columns, the gas bubbles are forced to move
opposite to their natural direction of buoyancy (Bando et al. 1988). As such, the residence
time of the gas bubbles is longer, enhancing the efficiency of the reactor (Bando et al.
1988). The longer the bubbles are entrained in the liquid, the more time is available for
the transfer of ozone gas into the liquid, making it available for disinfection. To ensure
high reactor efficiency, the liquid velocity must be greater than the bubble rise velocity
(Bando et al. 1988). If the liquid flow velocity is too low (smaller than the bubble rise
velocity), gas will accumulate at the top of the reactor, thereby minimizing the amount of

gas actually transferring into the reactor. It is therefore desirable that smaller bubbles are
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produced, resulting in slower bubble rise velocities, and allowing for an increased rate of
mass transfer. Also, the bubble size was found to vary with the liquid flow direction;
bubbles were much larger in the liquid downflow operation (Briens et al. 1992). Finally,
' bubble columns operating in a liquid downflow regime demonstrated a volumetric liquid
mass transfer rate nearly doﬁble that of bubble columns operating in a liquid upflow

regime (Briens et al. 1992).

A counter-current bubble column was investigated by Hidaka et al. (1998). Based on
their experiments, they determined that the gas hold-up increased with increasing liquid
and gas velocities. With the increase in both gas and liquid flow velocities, the degree of

liquid phase axial dispersion also increased.

Modifications With Jet Distributors

Bubble column reactors can be altered to modify the flow of liquid in the system, for
example, with the addition of baffles. Other devices of interest included venturi injectors,
jet reactors, ejectors, and tubular loop reactors. Charpentier (1981) illustrated that these
alternative systems achieved higher gas phase dispersion, as well as intense mixing
between the liquid and gas phases. These new designs have been shown to enhance the
rate of mass transfer. The most notable advantage to using injectors is the high
volumetric flow rate. This leads to higher shear rates, which result in smaller bubbles

being formed, and thus the creation of higher interfacial areas (Charpentier 1981).
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Higher shear rates caused by turbulence will create larger interfacial areas, thus
enhancing the mass transfer of ozone. It was this general idea that led Gamal FEl-Din and
Smith (2003a) to study the use of venturi injectors intersecting at a 125° angle in their
impinging-jet bubble column. Pilot-scale tests were carried out and the results indicated
that the intersecting venturi injectors significantly increased the mass transfer capabilities

of the reactor.

Zhou and Smith (2000) also studied a venturi type injector, and determined that the gas
bubbles formed by the venturi were smaller, due to the higher mixing intensity of the
injector, than those formed in an alumina diffusing stone. Large interfacial areas were

formed, enhancing the mass transfer rate.

Similar investigations regarding the performance of jet-pump application were observed
by Wright et al. (1997). Experiments showed that this type of contactor displayed very
high gas hold-up, as well as superior mass transfer capabilities. The mass transfer rate for

this contactor was independent of the gas to liquid flow ratio.

The performance of venturi injectors was studied by Thalasso et al. (1995) in three
different positions in the reactor: 1) completely emerged; 2) partially emerged with the
outlet submersed; or 3) completely immersed. The highest rates of mass transfer were

obtained when the venturi injectors were completely immersed.
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Work carried out by Havelka et al. (2000} involved two ejectors operating in a co-current
bubble column. The liquid-phase mixing in the column occurred primarily from the gas
flow. The extent of liquid phase mixing increased (Pe;, for the liquid decreased) when the
gas flow rate increased. For this reactor, it was shown that the volumetric liquid-side
mass transfer coefficient is related solely to the gas hold-up of the system (Havelka et al.

2000).

Huynh et al. (1991) studied a bubble column reactor employing the use of a venturi
injector positioned upward with a downstream bubble column. It was determined that this
injector was capable of inducing high shear rates, thus preventing bubbles from
coalescing, shearing bubbles into smaller bubbles, and creating a larger gas hold-up.
When porous plates were introduced at the inlet of the bubble column, coalescence was
visible. This led to larger bubbles with higher bubble rise velocities, and hence, smaller
rates of mass transfer. Again, in comparing the porous plate distributor and the venturi
“distributor”, it was determined that the gas hold-up in the bubble column was much
larger with the venturi distributor, and higher volumetric mass transfer coefficients were

obtained (Huynh et al. 1991).

A co-current downflow bubble column using an injection nozzle as a diffuser was studied
by Bando et al. (1988). Since the rise velocity of the bubbles will increase as their
diameter increases, ‘the diffuser in the reactor must ensure the generation of bubbles with
small diameters (Bando et al. 1988). For this reason, Bando et al. (1988) chose to use a

gas-liquid injection nozzle as a sparger. Initially violent mixing and turbulent flow were
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observed near the nozzle. Following this, as the distance from the nozzle increased, the
flow became stable and approached the bubbly flow. Bando et al. (1988) noted that in the
visually turbulent section of flow, gas hold-up was higher, and then decreased until it
reached a constant in the section of bubbly flow. It was also noted that the diameter of the
bubbles in the section of turbulent flow were smaller than those in the section of bubbly
flow. The increase in bubble diameter is attributed to the coalescence of bubbles. In the
turbulent section of flow, gas hold-up was larger than in the calm section. This

observation is again attributed to the coalescence of bubbles.

Schulz and Prendiville (1993) investigated the use of a venturi sidestream injection
system. They showed that turbulent mixing conditions prevailed, resulting in limited
problems associated with bubble channelling. However, because the contact time in this
injection system is minimal, proper design is required to ensure that the concentration-

time criteria is sufficient to ensure adequate microbial reduction.

Schulz et al. (1995) further investigated the use of a sidestream injection contactor.
Advantages to this type of contactor include: 1) mixing regime closely resembles plug
flow regime; 2) injectors are less susceptible to plugging; 3) turbulent gas-liquid mixing
leads to effective dissolution of ozone into water; and 4) improved mass transfer, and
subsequently, disinfection efficiencies. However, drawbacks to this type of injection
contactor include: 1) potential for gas-liquid segregation; 2) higher head losses
introduced; 3) small contact time; and 4) additional booster pumping is required. Schulz

et al. (1995) proposed a new configuration to the typical sidestream injection system.
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This contactor uses the sidestream venturi 'inj ector in combination with a down flow tube
(SVI-DT). A pilot study involving the use of this contactor was carried out to determine
the SVI-DT hydrodynamic characteristics and ozone mass transfer and utilization rates.
The SVI-DT contactor displayed a dispersed gas—bubb'le flow pattern. However, at
variable superficial liquid velocities, the dispersed gas bubble flow patterns van'ed.‘
Consequently, the gas hold-up was also altered. High rates of mass transfer were
demonstrated (~ 95%). Ozone residuals and colour removal were greater than those

found in conventional fine-bubble diffusion contactors (Schulz et al. 1995).

Modeling of Hydrodynamics

When considering the hydrodynamics of bubble columns, the flow pattern in the liquid is
considered to be either: 1) Completely mixed flow; 2) Plug flow; or 3) Dispersed plug
flow (Deckwer et al. 1983). The applicability of the completely mixed flow reactor is
limited to columns with diameters > 0.3 m, or to columns with a small length to diameter
ratio (Deckwer et al. 1983). It is further suggested that the actual flow pattern in a bubble
column is close to the mixed regime, however, a considerable amount of backmixing

occurs and must be taken into account (Deckwer et al. 1983).

The intensity of the backmixing at the reactor inlet creates a concentration jump within
this vicinity. This jump in concentration is often interpreted as an area of enhanced mass

transfer (Deckwer et al. 1983, Salazar et al. 1993).
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In the experiments conducted by Zahradnik and Fialova (1996), both homogeneous and
heterogeneous flow regimes were studied in a bubble column under co-current flow
conditions. Under homogeneous flow regimes (ug < 0.04 m/s), the gas flow was
approximated by the plﬁg flow model. However, as the limiting superficial gas velocity
increased past the point of transition (ug = 0.04 m/s), a certain of gas and liquid
backmixing occurred. The degree of gas phase backmixing was relatively small
(backflow coefficient = 0.1) compared with the liquid phase backmixing (backflow
coefficient <5). The mixing regime of both phases under heterogeneous flow conditions
were modelled according to the back flow cell model (Zahradnik and Fialova 1996). The
work of Zahradnik and Fialova clearly showed the variability of flow in bubble column

reactors.

A study conducted by Borole et al. (1993) attempted to characterize the hydrodynamics
of a bubble column using a 2-dimensional transient dispersion model. At the point of gas
entry, there was a region of strong recirculation that was not accurately modeled using
the dispersion model; it was suggested that the use of a variable dispersion coefficient

might solve this problem.

Deckwer et al. (1983) evaluated the use of the axial dispersion model under various
operating conditions. From their experiments, several conclusions were drawn: 1) the
ADM should only be applied to regions in the bubble column reactors where completely
developed dispersion flow patterns exist. Thus, the ADM should not be employed in

regions close to the gas distributor, as a fully established dispersive flow occurs only after
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the gas has travelled a certain distance; 2) the use of an incorrect model will lead to
inaccurate dependencies, i.e. if the plug flow model (PFM) was employed, there was a
resultant dependency on uj, (responsible for enhancing Pe;), whereas if the ADM was
employed, this dependency on up was rather insensitive to liquid mixing (Pep); and 3)
when determining the kra values, kya is only slightly influenced by Pe;. However, if this
dependency was eliminated and the plug flow model (PFM) was employed, the
concentration jump at the inlet of the reactor was misinterpreted as a zone of enhanced

mass transfer, rather than a result of the partial backmixing of the liquid phase.

Zhou and Smith (1995) employed the back flow cell model (BFCM) to characterize the
axial dispersion occurring in a bubble column. They noted that the mixing of this model
was based on the exchange flow (i.e. flow from the qell closest to the inlet to the next
cell) and on the back flow (i.e. from that ‘next cell’ back to the cell closest to the inlet of
the reactor) between equally spaced cells. The backflow in the cells was assumed to
represent what was occurring in the liquid phase, while the backflow was assumed to be
negligible in the gas phase. Plug flow conditions in the gas phase (the number of cells is
grater than 10) were presumed to prevail in their pilot scale bubble column. Further
assumptions included: 1) the bubble column was operated under steady-state conditions;
2) the resistance to mass transfer was due to the liquid side interface; 3) the rate of ozone
decay was negligible in the gas phase, but well represented by a pseudo first-order rate in
the liquid phase; 4) the gas hold-up and the specific interfacial area were constant along
the height of the bubble column reactor; and 5) Henry’s law was applicable when

modelling the ozone gas.
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Zhou and Smith (1995) tested the applicability of the BFCM for modeling the mass
transfer of ozone and derived algebraic mass balance equations between the cells in the
bubble column reactor. The bubble column that was tested operated in both co-current
and counter-current flow regimes. Ozone concentration profiles were fitted to the BFCM
and used to determine estimates of kya. It was determined that the BFCM was able to
describe the backmixing and dissolved ozone concentration profiles in the bubble column
reactor. Zhou and Smith (1995) concluded that backmixing was affected by both gas and

liquid flow rates.

Gamal El-Din and Smith (2001b) further deviated from the axial dispersion model and
develop the alternative Transient Back Flow Cell Model (TBFCM). This model
hypothesizeé a series of cells resembling continuous flow stirred tank reactors (CFSTRs).
These cells were interconnected by the back and exchange flows of the liquid. The gas
was assumed to flow in plug flow manner throughout the height of the column. Five main
assumptions govern this model: 1) backflow occurs only in the liquid phase; 2) because
of the buoyancy of bubbles, backmixing in the gas phase was negligible; 3) the bubble
column operates at constant gas and liquid flow rates; 4) no mass transfer or chemical
decay was considered for the inert tracer; and 5) the gas hold-up and interfacial area of
bubbles was constant along the height of the column. The uniqueness of this model lies in
the fact that each cell in the TBFCM can be characterized by variable degrees of

backmixing, as well as variable volumes due to changes in cross sectional area. The
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resulting set of ordinary first-order differential equations are easily solved using simple

numerical techniques.

Numerical RTD curves and experimental RTD curves (sampling in both co-current and
counter-current modes of operation) indicated that this model can accurately predict
backmixing in the liquid phase over a fange of operating conditions. It was noted that as
the gas flow rate increased, the backflow ratios increased in both modes of operation.
Also, as the liquid flow rate increased, the backflow ratios decreased. This last effect was

more pronounced in the co-current mode of operation (Gamal El-Din and Smith 2001a).

All of the above models were used in a variety of circumstances to predict the mixing that
occurs in bubble column reactors. With the axial dispersion model and its variations, the
degree of mixing can be described by the axial dispersion coefficient, or the Peclet
number. In other cases, such as the TBFCM developed by Gamal El-Din and Smith
(2001a), the backflow ratio serves as a representation of the degree of mixing that occurs

in bubble columns.

Deckwer et al. (1974) performed experiments on two bubble columns, fitted with either a
porous plate diffuser or a cross holding 56 nozzles. The bubble columns were operated in
the co-current flow regime, with gas velocities no greater than 50 mm/s. To determine the
dispersion coefficient in the bubble columns, both stationary and transient methods were

employed, with analysis carried out using the axial dispersed plug flow model. This
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resulted in an equation that could be used to determine the dispersion (i.e. backmixing)

occurring in these two bubble columns. This equation is as follows:

D, =27-d"* -ul’ Equation 2-12

Where Dy, = axial dispersion coefficient [cm?/s]
d = diameter of the column fcm]
ug = superficial gas velocity [cm/s]

The dispersion number is related to the backflow ratio by the formula:

D, &, N
e N grcn _05=2r "% Narauw _ 5 Equation 2-13
Pe, u, -L

Where ¢, = liquid hold-up [dimensionless]

The model proposed by Houzelot et al. (1985), who investigated the pre-mixing of gas
and liquid in a tube, prior to its introduction into a bubble column, is very similar to the
equation proposed by Deckwer et al. (1974). Houzelot et al. (1985) determined that the
type of distributor did not change the axial dispersion in the bubble column. Superficial
gas velocities ranged from 2.5 x 107 to 6 x 10™ m/s, and the superficial liquid velocities
ranged from 2.5 x 10 to 10” m/s. The equation that Houzelot et al. (1985) proposed to

describe the axial dispersion in bubble columns is:
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D, =0.04-u" Equation 2-14

Where Dy, = axial dispersion coefficient [m?/s]

ug = superficial gas velocity [m/s]

Kantak et al. (1994) used previously collected data from a large number of bubble
columns operated in both two (gas — liquid) and three (gas — liquid — solid) phases, with

varying superficial gas and liquid velocities. The outcome of their modeling efforts was:

D, =02-d"* .2 Equation 2-15
€g

Where Dy = axial dispersion coefficient [cm?/s]
d = diameter of the bubble column [cm]
ug = superficial gas velocity [cm/s]

€= gas hold-up [dimensionless]

The study conducted by Marifias et al. (1993) focused on investigating the
hydrodynamics of packed and unpacked bubble columns, operated in both co-current and
counter-current flow modes, using fine and coarse bubble diffusers. Thé data were
analyzed using the transient dispersion model, assuming: 1) that the dispersion could be
represented by diffusion laws; 2) the concentration profile was uniform in the radial

direction; and 3) the axial or longitudinal dispersion was uniform throughout the bubble

32

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



column. A model was proposed to predict the dispersion occurring in their unpacked

counter-current fine diffusing bubble column. It is as follows:

1/2
Reg

573
Re;

D, =0.00185+9.7- Equation 2-16

d .

Where Re, =222 Equation 2-17
vy
d

Re, = L% Equation 2-18
Vi

D = dispersion number
Reg = gas phase Reynolds number [dimensionless]
Rer = liquid phase Reynolds number [dimensionless]

ug = superficial gas velocity [cm/min]

ug, = superficial liquid velocity [cm/min]
dp = average bubble diameter [cm]
vi, = kinematic viscosity of liquid [cm?*/min]

Roustan et al. (1996) conducted experiments on a pilot-scale bubble column operating
with a porous distributor in both co-current and counter-current flow regimes. Unlike the
models discussed above, this bubble column was modeled based on mass balance
equations describing stirred tanks in series. Tracer experiments revealed that the number

of cells in the CFSTR model ranged from two to nine, indicating that the bubble column
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could be characterized as either a well mixed reactor, or a plug flow reactor. Caution
should be exercised here, as the modeling of a bubble column as a well-mixed reactor, or
as a plug flow reactor, depends on the operating conditions (gas and liquid flow rates). A
general trend observed under both flow regimes was an increase in the number of cells
with increzising liquid flow rate. It was also observed that an increase in the gas flow rate

resulted in a decrease in the number of cells predicted.

The following table illustrates other correlations that have been developed by researchers,

relating the . degree of 'mixing to the properties of the system.
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Table 2-1:

Correlations of axial dispersion coefficients proposed by previous researchers

Author

Reactor Details

Operating Conditions

Proposed Relationship

Deckwer et al.
(1974)

2 bubble columns
a- diameter = 20 cm
height = 723 cm
cross with 56 nozzles
b- diameter = 15 cm
height =440 cm
glass sintered porous plate

Co-current

D=27-d" -u%

ug =cmv/s, d=cm, D = cm¥s

Houzelot et al.
(1985)

Height=4m
Diameter=0.05m

ug = 2.5x10" to 6x10™ m/s
up = 2.5x10"* to 1x107 mv/s
Various gas and liquids:

Gas properties

Viscosity

Pressure

Surface tension
With and without perforated
plate

D =0.04-u%"

ug =mv's, D = m%s

Kawagoe et al
(1989)

2 bubble columns

Diameters: 0.159, 0.290 m
Perforated plates

2 regions of flow:

- inner annulus (center)~ Dg;
- outer annulus by wall- Dg,

- inner and outer annulus- Dgg

ug =107 to 107 m/s

3.03
D, =262 [-‘fﬁ-) .
e

34
D, = 19.4-(@—J -4
&g

h
Dy, =0.66-Dy, +0.39- Dy, + 0.0078(% }
&

ug =nvs,d=m, h=m, D =m%s

Marifias et al.

(1993)

height: 16 feet
diameter: 6.375 inches
crystalline aluminia stone

Counter-current
ug = 0.0226 scfm
up =440 gpm

1
Re? D
D, = 0.00185+9.7-———‘g, D, =;:_L_
Re;
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Dy = dispersion number, ug = cm/min, v = cm/min,

vy = cm’/min, dg = cm, L = cm

Kantak et

al.

Various bubble columns from

Churn-turbulent flow

u

(1994) previously published research | regime D=02.4d"%.-%

Diameters: 4.2 to 320 cm "With and without solids &

ug = 0 to 85 cm/s
; ug = cm/s, d =cm, D = cm?/s

Chen et al | Diameter: 15.8 cm ug = 1.33 to 9.48 mm/s D =1.696 - 1,25
(2002) Height: 1.33 m u, = 1.42 to 4.25 mm/s ¢

Perforated ceramic plate ug = mms, D = s
Shawaqfeh Dia}met‘er: 7.4 cm Qg = 22 to 105 L/rmn. D=a-u é . exp(c . ”L)
(2002) Height: 63 cm QL =0.61t0 0.32 L/min

2 nozzles injecting into a
perforated plate

Flow: a =0.014 £ 0.0015
b=0.45+ 0.059
c=-48.85+7.492

Pseudo-Batch: a = 0.014 £ 0.0016
b=0.43 + 0.064
=.27.86+8.176

ug = m's, up =m/s, D =m%s




To predict the backmixing of the gas phase in bubble column reactors, Shetty et al.
(1992) proposed a two-bubble-class hydrodynamic model to measure the residence time
distribution of the gas phase. This model is applicable to conditions with high superficial
gas velocities, where the gas flow regime changes from homogeneous flow to turbulent
flow. At this point, the large bubbles flow through the column in a plug flow manner. The
smaller bubbles, however, have lower rise velociﬁes, and were circulated with the liquid,
following its backflow through the reactor. As a result, the smaller backmixing bubbles
could be modeled using the ADM. Shetty et al. (1992) concluded that the gas phase
backmixing of a bubble column was heavily dependent on the superficial gas velocity,
and somewhat dependent on the diameter of the column. The hydrodynamic model
proposed by Shetty et al. (1992) was verified through a comparison of the predicted
residence time distribution (RTD) curves with the RTD curves from literature
experimental data, as well as their own experimental data. However, the authors

acknowledged the need to incorporate the effects of bubble coalescence and break-up.

In a similar manner, Kawagoe et al. (1989) assumed two bubble groups were present in a
bubble column reactor employing perforated plates. Larger bubbles were present in the
centre of the column, and smaller bubbles occurred along the column walls. Within the
central core, the larger bubbles had increased bubble rise velocity, resulting in more
intense gas phase mixing, but shorter residence times than the smaller bubbles situated in
the annulus beside the bubble column wall. Nonetheless, Kawagoe et al. (1989) applied
the ADM to characterize the gas phase hydrodynamics in both the central core of larger

bubbles, and the peripheral annulus of smaller bubbles. Two separate models were

37

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



developed. The application of this model is based on: 1) gas velocity; 2) column

diameter; and 3) liquid system properties.

Gas Hold-up

Gas hold-up (gg) can be simply described as the ratio of the volumetric fraction of gas to
the total volume (volumetric gas fraction and volumetric liquid fraction) of the reactor.
Gas hold-up is not a constant quantity, as it varies in both the axial and radial directions

{Deckwer and Schumpe 1993). The gas hold-up can be estimated as follows:

V. .
g5 =—"1 Equation 2-19
Ve +V,
Where &g = gas hold-up [dimensionless]
Vi = Volume of gas [m?]

V1, = Volume of liquid [m’]

The gas hold-up of a system gives insight into other key parameters, such as mass
transfer, and is essential to achieving efficient reactor designs (Deckwer 1992, Kastanek
et al. 1993). Knowing the gas hold-up of a system, it is possible to determine the
interfacial area of the gas bubbles in the system, and therefore, to determine the mass

transfer rate of the reactor (Deckwer 1992, KaStanek et al. 1993).
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Gas hold-up is easily measured using pressure profiles. The difference in pressure
measured at various points along the column, in addition to the known properties of the

gas, will give an estimation of the gas hold-up in the system:

g =1——r Equation 2-20

Where AP = pressure difference
pL = density of the liquid [g/em’]
g = acceleration due to gravity [cm/s?]

Ax = difference in two measuring points [cm]

The gas hold-up of a system is dependent on the superficial gas velocity (ug) and
superficial liquid velocity (uy) of the system (Deckwer, 1992). If ug is low, it could be
assumed that gas hold-up is not significantly affected by this parameter; in this case, gas
hold-up becomes a function of the gas velocity only (Deckwer, 1992). A near linear
dependence of gas hold-up on superficial gas velocity is often observed when on a log

scale (Bin et al. 2001).

£g=a-ul Equation 2-21
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Where a = coefficient of correlation
b = a function of the flow regime in the reactor, the gas distributor, and the

properties of the individual phases.

Deckwer (1992) indicated that the type of distributor had a major influence on the gas
hold-up of bubble columns. He indicated that gas hold-up would be increased by
distributors used in the following order: 1) perforated plates; 2) sintered plates; 3) injector
nozzles; 4) gjector nozzles. It was also observed that gas hold-up would increase with the
presence of small bubbles in the reactor. This was attributed to the smaller rise velocities
in comparison to those of larger bubbles. With the slower rise velocity, the bubbles were
retained in the reactor for longer periods of time, thus increasing the gas hold-up. Again,
the type of distributor affected bubble coalescence. It was worth noting that the gas hold-
up of a system was independent of the scale of the reactor (i.e. diameter of tubular

reactors) (Forret et al. 2003).

The mode of operation of a bubble column will also affect the gas hold-up of the system.
Roustan et al. (1996) showed that, in a pilot-scale bubble column where the gas was
distributed with a ceramic porous diffuser, co-current flow operations had the lowest gas

hold-up, followed by batch flow, and finally counter-current flow (largest gas hold-up).

As was previously discussed, there was an increased degree of mixing near the inlet of

the reactor, which increases the transfer of gas into the liquid. As a result, a higher
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amount of gas hold-up was measured near the bottom of the bubble column reactor (Bin

et al. 2001).

Zahradnik et al. (1997) performed experiments with two different types of plate
distributors, creating either the homogeneous flow regime or the turbulent flow regime.
With respect to the distributor creating the homogeneous flow regime, the authors
determined that there was a significant increase in gas hold-up as the aspect ratio (height
of column/diameter of column) decreased. A relationship of this type was not

demonstrated in the heterogeneous flow regime.

Deckwer and Scumpe (1993) illustrated that an increase in gas-density caused an increase
in the gas hold-up of the system, due to a reduction in the size of bubbles formed. The

bubbles with a smaller rise velocity are retained for a longer period of time in the reactor.

There are many correlations that attempt to predict the gas hold-up of a bubble column
reactor under varied operating conditions. These include: sparger type, bubble column -
diameter and height, packed or unpacked columns, physical properties of the gas and the
liquid, presence of a third phase (solids), or flow regime. However, the two main
consistencies when modeling for gas hold-up is the dependency on superficial gas and/or

liquid velocities.

Other influences on the gas hold-up include gas density and liquid viscosity (Friedel et al

1980), as well as the design of the sparger. Huynh et al (1991) determined that a

41

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



venturi/bubble column combination yielded significantly larger gas hold-up values than
the porous plate distributor that was also tested. Although it was determined by Patil et al.
(1984) that sparger design did not significantly influence gas hold-up in their
sectionalised bubble column, they suggested that in a bubble column operating as one

section, the sparger design might have a predominant effect.

The influence of flow regime on the gas hold-up of a system has also been discussed.
Although not studied, this phenomena is worthy of discussion. Many authors have
studied the transition between flow regimes and the resulting gas hold-up in these flow
regimes (Gavrilescu and Tudose 1996, Kago et al. 1989, Krishna et al. 1991, Krishna and
Ellenberger 1996, Sarrafi et al. 1999, Shetty et al. 1992). Each of the authors noted above
describes the transition between the homogeneous bubbly regime and the churn-turbulent
regime. It has been noted that in the homogeneous flow regime, the gas hold-up increased
linearly as the superficial gas velocity increased. As the flow approached the transition
flow regime, there was a slight decrease in the gas hold-up. As the flow approached the
churn-turbulent regime, there was an increase in the gas hold-up of the system. In some
instances, this increase was either linear or nearly linear. In the heterogeneous (churn-
turbulent) flow regime, the increase in gas hold-up was less pronounced than in the
homogeneous flow regime. These observations occurred in bubble columns operating
with many types of gas distributors: glass filters, stainless filters, perforated plates, spider

spargers, and single orifice spargers.
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In the case of Zahradnik et al. (1997), the ejection system was operated in a batch flow
regime under two conditions: 1) free suction (ejection) 2) forced gas supply (injection). In
the case of free suction, it was concluded that the gas hold-up was well described by their
exponential model. With respect to the forced gas supply mode of operation, the
dispersion efficiency decreased as the gas feed rate increased, and with this increase in

gas feed rate there was an increase in the non-uniformity of the gas hold-up distribution.

ﬁuynh et al. (1991) studied the use of a bubble column employing venturi distributors,
and a bubble column using a porous plate distributor at the outlet of the venturi.
Superficial liquid velocities ranged between 0.175 and 0.350 m/s and superficial gas
velocities ranged between 0.03 and 0.25 m/s. Using a venturi distributor, the authors
observed less coalescence of bubbles, resulting in larger gas hold-up values. It was also
postulated that the higher shear stresses created by the venturi injectors led to a larger
amount of smaller bubbles, further enhancing gas hold-up. However, when the air passed
through the porous plate, the authors noted a significant amount of coalescence only 0.10
m downstream from the point of gas injection. The authors clearly demonstrated that, at

any superficial gas velocity, the venturi distributor resulted in larger gas hold-up.

The following table serves only as a brief summary of some of the previous gas hold-up
correlations that have been proposed in the literature, along with their operating

conditions.
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Table 2-2: Correlations of gas holdup proposed by previous researchers
Author System Characteristics Range of Parameters Correlation Proposed
Kato  and | 3 bubble columns Co-current u
Nishiwaki a- diameter = 6.6 cm ug = 0.5 to 25 cn/s Eg = g =
(1972) height = 201 cm 31+4.5-u)®- (1 — g 000G )
b- diameter = 12.2 cm
height =200 cm ug = cny's
¢~ diameter =21.4 cm
height =405 cm
Perforated plates with holes of
varying diameters
Akita and | Diameter: 15.2 cm Continuous gas flow 1 BY .
Yoshida Height: 400 cm Bath liquid flow £o g-d>-p, Pg-d>\2f u,
(1973) Gas sparger: Single  hole | Vg=19.1 to 1510 m/h 7 = 0.2- 5
drilled into centre of plate (1 — &g ) 4 Vi Vg-d
g =cny/s’, d =cm, ug = m/h, p = g/em’, v = g/ems, v = g/s’
Kumar et | 3 bubble columns ug = 0.14 to 14.01 cm/s * « 2 +
al. (1976) diameter: 5, 7.5, 10 cm &g =0.728 ug —0.485- (uG) +0.975- (u0)3
Conical entrance to bubble 1
column » o 4
Orifice plates at conical Ug =l (P _ )
entrance with varying V\Pr=Pc) &
dimensions
g = c/s?, ug = cn/s, p = g/em’, y = dyne/cm
Zahradnik | 2 bubble columns turbulent bubble regime Uy
and diameter: 0.152, 0.292 m batch tiquid flow g =
KaStének brass sieve plate continuous gas flow 03+2.0-u,
(1979) ug = 0.031 to 0.276 m/s
ug =m/s
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Friedel et | Diameter: 0.15m Downflow s, 00346 \ 7
al. (1980) Height: 2.3 m !1 —-& !3 1 PL
Four radially mounted gas 1+0.685- %0395 | )
: € Pe
sintered plates £ =
G 0254
(_H_L_) RN AL
He
2 2
PR ¢ Fr=—t We=14
Os +0, g-d PO
P G
I = total mass flow density (kg/m’s)
Q=cm’/s, p=g/em’, p = mPa's, g = cro/s’, d = cm, 6 = mN/m
Otake et al. | Diameter: 0.05 m Co-current
(1981) Height: 1.5m Counter-current . =0.381%%. exp —-2.49. Uy
2 types of multi-nozzles Upflow ¢ ¢ / g-d
2 types of single nozzles ug = 7x107 to 8.24x107 /s X
w, = Counter-current: up to | I of uniformbubbly flow
1.4x10™" m/s s :
Co-current: up to | U =W/s, up =m/s, g=m/s’, d=m
1.5x10" m/s
Ohkawa et | Diameters: 5,6, 7 cm . Downflow d -1.56
al. (1985) | Height: 2.0 m ug, = 13.0 to 20.0 m/s g.=396x107" .48 .| 2~ 038
.. G L Jj
Nozzle injectors ( d )
dy diameter of nozzle (m), L; — liquid jet length (m), u, — m/s
Sada et al. | Diameter: 7.8 cm Liquid: batch flow £g
(1986) Height: 150 cm Gas: continuous flow 7 =0.046-u,
Perforated plate gas distributor (1 — &g )
For the churn-turbulent regime
UG = m/s
Idogawa et | Diameter: 0.05 m Liquid: batch flow e o -0.22exp(-R)
al. (1987) Height: 0.83 m Gas: continuous flow ¢ - =0.059 ul® ‘,0(0;'17 [ Lj

Perforated plate

72

(1_80)
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ug = cm/s, p = kg/m’, 6 = mN/m, P; = MPa

Uchida et { Diameter: 4.6 x 10~ m -1 -1 1
al. (1989) | Height: 1 m u gd -p, \® (g-d®\2 (d-u 2 4
Porous glass ball filter with a ~%=0.175- ( R R : 2 (g-d)
nozzle e d v v
3 2
.d*- 4 (d .u\7
+3.5x107% | &8 P " | Za Tl
o v
x(1+0.85-5,)-(u, +ug)
d=m, g=m/52, 6 =N/m, p=kg/m’, v=m’/s, dg = m, ug = nv/s,
ug = n/s, uy, = m/s
Yamagiwa | 4 bubble columns Downflow

et al. (1990)

Diameter:
0.034, 0.005, 0.060, 0.070
m

QL = 3.17x10™ to 2.00x107
m’/s

-0.60 0.35
L,
£, =9.96x107 - 0% .Re™.[ G| [ L)
d a,

Height: _ _ _
1.20, 1.50, 1.80, 2.00 m dy=m,d=m,L;=m
Cylindrical nozzle
Huynh et al | Diameter: 0.095 m u, =0.175 t0 0.350 nv/s - .. =0.2087 1% .3795147 poous Plate Distribut
(1991) Height: 0.79 m ¢ = o rous Hate Listributor
Venturi injector £g =1.106-ug" -u;"** Venturi/Bubble column combination
Porous plate
Ug = m/s, up = m/s
Krishna et | Diameter: 0.16 m Churn-turbulent flow For homogeneous bubble flow regime:
al. (1991) Height: 1.2 m Homogeneous bubble flow £ =4-ug
g = /s

Borole et al.
(1993)

Diameter: 61 cm
Conical bottom

Co-current
ug=3,6, 8,9 cm/s
u, =0, 0.45, 0.6 cm/s

2
&g =0.25-u23 . 30—33[1+%§‘13_J+(1+ LZ:oneJ

oyl eyl
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dcone=rnadcvl=n],u6=m/s

Reilly et al.

Diameter: 0.15m

Liquid: batch flow

Bubbly Flow Regime:

(1994) Height: 2.7 m Gas: continuous flow (11— =284.0%% .y o012
Gas sparger: £o(l=£6) =284 pg G
4 tubes with holes 3
p =kg/m’, ug =m/s, c =N/m
Kundu et al. | Diameter: 51.6 mm Co-current -1 - 3 Ra016 4017 77~022 ¢, 1155 ¢ 058
(1995) Height: 2030.0 mm Downflow 86 =1-exp(-6.87x10" Re, ™ 4" H, " Su"" Mo
Nozzle ejector system Q. (m*/s) = (0.07-0.34)*10° | 88(Re, (10481  Reynolds number of the liquid based on the
6 mnozzles with varying | Qg (ms/ s) = (0.16- | contactor diameter, (pLVid.)/p
diameters 360.0)*¥10°° . 2
29.03(A4,{169.78  area ratio of contactor to nozzle (d./d)
I{H,{31 height ratio of the liquid column inside the contactor
to the diameter of the contactor (h,/d.)
0.375%x10°{Su{0.574x10’ Suratmann number,
(oLprdey/p”
0.111x107"°(M0(0.517 x10™° Morton number,
(pro L3)/ (gHL4)
p=kg/m’, V=m’s, p=kg/ms, d. =m, d,=m, h =m, c = N/m,
g= /s
Laari et al. | 2 bubble columns Bubble column a: P P 74
(1997) a- diameter: 0.19 m ug =11to 3 cm/s Eg =1,801.ug'923 , —K-”l’-( ZKIN =2173"'§‘
height: 0.67, 1.26, 1,765 { Bubble column b: Cr m

m
T-junction nozzle
b- diameter: 0.97 m
height: 4.64 m
3 T-junction nozzles

Max ug = 550 dnr’/min
Max ug, = 50 dm’/min

Mix VMIX

0.0751

Pew

6, =1.801.10%| L mx__

VMIX CR
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B >(———PKW ) = 2173—”%
CR

Vi MIX m

Ug = m/s

Zahradnik

Diameter: 0.29 m

Semi-batch flow

gg =281-ul’

etal. (1997) | Height: 3 m L =2.0-72m’h
Ejector distributor Qs=1-183 myh
ug =m/s
Yamashita Dia.meter: 0.16 m Gas: continuous feed \ ( H, - HN)
(1998) Height: 3 m gy =1-(1-¢,) —
Sparger: pipe with two holes Takes into account the three lH L~ Hy + (4-8 x10 G )J
zones in a bubble column:
1- entrance region Hy = clear liquid height (m)
2- bulk region Hy = gas inlet height (m)
3- foam layer ug = m/s
Chen et al. | Diameter: 15.8 cm ug = 1.33 t0 9.48 mm/s £.=5168 349
(2002) Height: 1.33 m u = 1.42 to 4.25 mm/s G ¢
Perforated ceramic plate ‘ .
Shawaqfeh | Diameter: 7.4 cm Qg =22 to 105 L/min . =0.775 1%
(2002) Height: 63 cm Q. =0.61 to 3.2 L/min ¢ G
Nozzle with perforated plate —.
Anabtawi et | 2 bubble columns: Co-current Column a:
al. (2003) a- rectangular Upflow . =0.549.4°%%. ﬂ-°-15 CHOOR
0.0195x0.22x 1.0m ¢ ¢
b- cylindrical
diameter: 0.074m Column b:
height: 1.0 m £g=0362-ul® . 0% . g
gas nozzle
H = clear liquid height (m), ug = m/s, m = Pa-s
Mandal et | Conical entrance Downflow s g5 =0.365- Rezﬁlﬁ“ . Mo~ . A:>~032 . H:’-207
al. (2003) Ejector assembly QL= 1.68x10" to
High velocity liquid jet 3.02x10* m’/s

Qg = 0.083x10™ to
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1.22x10* mr'/s

Akosman et
al. (2004)

Diameter: 0.05 m
Height: 0.8 m
Orifice ejector

Co-current
Downflow
ug = 2x10* to 6x10* m/s

0.52 13.3
£, =1.73 (5} ul® {f—J

1
=‘2"PL -F -ug
V-(-s5)

P
—I; = power input per liquid volume in column
F;, = fluid number, u, = superficial liquid velocity in nozzle, V =

volume
ug = s, up — m/s, ¢ = mNJ/s, p =kg/m’, F =m’/s, V=m’




Bubble Properties

As previously mentioned, the efficient design of a bubble column reactor depends largely
on the gas hold-up of the system, which in turn depends on the properties of the bubbles.
One of the most important properties of the bubbles is their size; the larger the exposed
bubble surface area, the larger the mass transfer rate of the system. The diameter of
bubbles in the reactor is dependent on: 1) the diameter of the primary bubbles formed
exiting the diffuser; 2) the diameter of the bubbles in equilibrium in the reactor; and

3) the rate of coalescence and/or shearing of bubbles (Voigt and Schiigerl 1979).

There are several methods currently in use to measure bubble diameter. The first method
involves the measurement of the mass transfer of a gas into the liquid phase, also
described as gas phase conversion. This chemical method is essentially based on the
chemical rate of absorption, and has been successfully applied by many investigators
(Kulkamni'et al. 1983, Kumar et al. 1976, Meikap et al. 2001, Radhakrishnan and Mitra

1987).

A second method employs the use of an electric probé, and has been used by several
researchers (Yamashita et al (1979), Idogawa et al. (1987), Roustan et al. 1996). This
technique is an intrusive method that involves the placement of probes inside the bubble
column. Signals are sent from one probe to another, placed a set distance away. The time
it takes the signal to go from one probe to another is affected by the presence of bubbles.
In a study conducted by Yamashita et al. (1979), the probes were set vertically into the

bubble column and the rising velocity of a bubble was calculated. The vertical length of
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the bubble was determined based on the contact time of the bubble with the probe and the

time required for passage between the two probes (Yamashita et al. 1979).

A very common non-invasive technique is the use of photographs. Cameras are set at a
certain distance the bubble column, and photographs of the bubbles are taken. From these
photographs, bubble diameters can be easily determined. However, the photographic
technique is only capable of giving accurate results for bubbles near the walls of the
bubble column. Other methods of bubble measurement include gas disengagement

techniques, or the use of lasers.

There is also some discrepancy as to what occurs throughout the length of the bubble
column. Akita and Yoshida (1974) and Lage and Espdsito (1998) propose that bubble
sizes are dependent on the balance between the rates of coalescence and break-up of
individual bubbles. It has been further suggested by Winterton (1994) that the system
must be in equilibrium with respect to the rate of coalescence and break-up (steady-state

conditions) before an accurate representation of bubble diameters can be provided.

Furthermore, Akita and Yoshida (1974) noted that the initial bubble size is independent
of surface tension, liquid viscosity, liquid density and gas density. However, these results
do introduce conflicting information, as it is known that the properties of the water (i.e.
surface tension, temperature) can influence the size of bubbles, i.e. larger gas bubbles can |
be created in soapy water than in clean water. Idogawa et al. (1987) proposed that the

diameter of a bubble is independent of the gas velocity of the system, and that the
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pressure exerted on the system has no effect on bubble size. However, Idogawa et al.
(1987) proposed that as the gas density increases, bubble diameter will decrease, and that
as the surface tension increases, the diameter of the bubbles increases. The authors noted
that the bubble characteristics were independent of viscosites up to 3MPa, and were
dependent on the surface tension below 5 MPa. Because of discrepancies of this nature,
Meikap et al. (2001) suggested that, because bubble column mixing and flow patterns are
complex to model, correlations should be based primarily on the dynamic and geometric
properties of the bubble column reactor being used i.e. phase flow rates, diameter of

bubble column.

The count mean bubble diameter of the bubbles in bubble columns is defined as:

I=

d,

dy = ““:}v Equation 2-22

-

Where N = total number of bubbles

d; = diameter of the i bubble

The Sauter bubble diameter (d;) is required to calculate the interfacial area of the system,

and is calculated as follows:

_ znid;

d, =Zme
2nd,

Equation 2-23
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Where n; = number of bubbles with diameter d;

Where d; is determined through two methods:

Method 1:  d,=¥a’h Equation 2-24
Method 2: d, = atb Equation 2-25

Where a = length of the bubble

b = height of the bubble

Figure 2-1:  Definition of measurement lengths and angles of bubbles, adapted from
Yamashita et al. (1979)

Akita and Yoshida (1974) determined that, because of the coalescence and break-up rates
inside bubble columns, bubbles sizes should always be measured in the middle of the
column. The coalescence and break-up rates are functions of superficial gas velocity,

superficial liquid velocity, as well as properties of the liquid. Moustiri et al. (2001)
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showed that the Sauter mean diameter of the bubbles increased with an increase in the

superficial gas velocity.

Tools that employ lasers, such as particle dynamics analyzers, are not invasive and are
more accurate than conventional photographic methods. Laser Doppler anemometry
(LDA), as well as phase Doppler anemometry (PDA), can be used to simultaneously
determine: 1) bubble size, 2) bubble size distribution; 3) gas phase axial and radial
velocity distributions; and 4) gas-phase and liquid-phase turbulence intensities in both
axial and radial directions (Gamal El-Din and Smith 2003b). Gamal El-Din and Smith
(2003b) used LDA and PDA to analyze the bubbles formed in their previously presented
impinging-jet bubble column. Through these advanced techniques, it was confirmed that,
as the superficial liquid velocity increased, d; decreased. Alternatively, as the superficial
gas velocity increased, d; increased. However, it was also determined that increasing the
superficial gas velocity resulted in a decrease in the count mean bubble diameter. The
researchers also determined that, as the superficial gas velocity increased, the specific
interfacial area of the bubbles subsequently increased. It was further noted that, as the

superficial liquid and gas velocities increased, there was a resultant increase in gas hold-

up.

Zhou and Smith (2000) evaluated the applicability of a particle dynamics analyzer that
employed phase Doppler anemometry (PDA) techniques in their studies on bubble
properties, and the mass transfer of ozone in diffuser bubble columns. The particle

dynamics analyzer tested was capable of measuring gas bubbles to an accuracy of 3% in

54

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



the middle of the column. The authors determined that the mean diameter of the gas
bubbles varied only slightly with the gas flow rate. They further demonstrated that larger
surface areas were being formed at higher gas flow rates, indicating that the gas flow rate
is the most important factor affecting the mass transfer of ozone. It was also determined
that the gas hold-up was significantly affected by the gas flow rate; as the superficial gas
velocity increased, the gas hold-up increased. This is likely a result of smaller bubbles

being formed, and therefore possessing a longer retention time in the bubble column.

Gas-Liquid Interfacial Area

The rate of mass transfer is a direct function of the specific interfacial area (a), and as
such, the interfacial area is the most influential parameter when attempting to model
reactor mass transfer efficiency (Deckwer 1992, Cockx et al. 1999). The specific

interfacial area (a) of the bubbles in the reactor can be determined through the following

formula:
a= G;G Equation 2-26
Where a = specific interfacial area [1/length]

€g = gas hold-up [dimensionless]

ds = Sauter mean bubble diameter [length]
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As is the case with gas hold-up, many correlations have been proposed in an attempt to
predict the diameter and interfacial areas of bubbles under the operating conditions of the
investigated bubble columns. The following table serves as a means to summarize some

of these correlations.
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Table 2-3: Correlations of bubble size and interfacial area proposed by previous researchers
Author Bubble column details Operating conditions | Proposed relationship ,
Akita and | 3 Columns Photographic ) -0.50 3\~0-12 -0.12
Yoshida (1974) -h: 250 cm method gd -p, | g-d Ug
-size: 7.7x 7.7 em dy =26-d 7 2 - Jeo-d
15x15¢cm L g
30x30cm
perforated plates: dy=mm,d=cm, g= cm’/s, p = g/cm3, y—g/s%, v — glemrs, ug = m/h

- single orifice
- multiple orifice

Multi orifice nozzle

Kumar et al. | 3 Columns Chemical method , 1
1976 -5,7.5,10 cm ug = 021 - 14.01 -dy )4
( ) Conical head cmy/s 1 <Re<10 d, =1.56- Re(f)\}sg : (‘g"—’)v‘}
Replaceable orifice P&
plates I
' 0425 | V- d; 4
10 <Re <2100 d,=032-Re; | —
Ap-g
04 | 7 dy }
1000 <Re <70,000 d  =100-Re}'- i
Ap-g
d,s=cm, y=dyne/cm,d=cm, p= g/cm3, g= cmy/s?
Kulkarni et al. { 1 Column Chemical method a=225. VGO~635 ,VL—2-05 _0.;0-11
(1983) -d: 0.075 m Downflow
-h:2.65m ug= 0.022 to 0.025
Ring type distributor /s a=1/m, Vg =m/s, V. = m/s, 6 =N/m
u = 0.195 to 0.36
m/s
Radhakrishnan 1 Column Chemical method a=225.g726
and Mitra -d: 32 mm QL= 18-208 ml/s , L
(1984) -h: 1080 mm Qg =20 ~ 850 ml/s a=1/m




‘uoissiwiad noyum pangiyosd uononpoidas Jaypndg “Jaumo WbLAdoo ay} Jo uolssiuad yum peonpoiday

3¢

Idogawa et al. | 1 Column Electric Probe 0.22-exp(~p;)
(1987) -d: 0.05 m Semi-batch flow d=3.91. ,050'07 (_O;)
-h: 0.83 m ug=0.5-5cmv/s 72
perforated plate pi=0.1-5MPa d=m, p= kg/rn3, o =mN/m
Bando et al. | 2 Columns ‘ Chemical method a = 5400- exp(O.lO ST ) £g
{1988) a- diameter: 0.70 m Co-current
height: 1.80m Downflow ,
b- diameter: 0.164m | VL, = 0.01 to 0.20 d ‘
height: 3.50 m m/s Uy = (—-——-j , superficial liquid velocity in the nozzle
nozzle injector Vg = up to critical dy
perforated sparger velocity
=1/m, up=m/s, yyy=m/s,d=m,dy=m
Roustan et al. | 1 Column Photographic d =2.935.4%7!
(1996) -d:0.15m Method ¢
h:25m Electric Probe
Porous distributor Q. = 030 — 132 |d=mm ug=mh
m’/h
QG = 0.12 —~ 1.32
m’/h
Sarrafi et al. {1 Column Photographic 1
(1999) -rectangular: method J ( 6-d,-c )3
. 1 . =0-0.08 m/s il N
0.10x0.15x 1.50 | ug=0 / g.(pL_pG)

orifice plate

d,s = m, d, = orifice diameter (m), 6 =N/m, g = m/'s?, p= kg/m®




Mass Transfer

As was previously discussed, one of the primary goals of an ozone reactor is to create a
homogeneous solution of dissolved ozone, ensuring maximum amounts of ozone are
made available for pollutant degradation or microorganism reduction. Thus, the transfer
of ozone gas inté the liquid phase is of prime importance. At any given time, three main
activities are being carried out simultaneously: diffusion, convection, and chemical

reactions (Charpentier 1981).

The absorption of the gas by the liquid via diffusion at the interface is a major activity
that is continuously occurring (Danckwerts 1970). Kuo (1982) discussed the mass
transfer process in a gas-liquid system and stated that this process consists of several
steps: 1) diffusion of ozone through the gas phase, and into the gas-liquid interface;
2) transport across this interface to the liquid layer boundary; and 3) transfer across the

liquid boundary layer (i.e., liquid film) into the bulk of the liquid.

Developed models attempt to characterize what occurs during the gas absorption process
and serve two purposes: 1) to provide a basis for predicting rates of physical gas-
absorption in various situations from first principles; and 2) to predict, not the rate of
physical absorption, but the effect of a chemical reaction on the rate of absorption
(Danckwerts 1970). Equations representing these models are often derived assuming that:
1) the resistance from the liquid phase controls the rate of mass transfer; 2) both the gas
and liquid flow at steady state conditions; 3) the mass transfer through the free liquid

surface is negligible; and 4) Henry’s law holds (Nakao et al. 1983).
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Charpentier (1981) postulated that gas absorption could be influenced by the resistance of
both the gas-phase and the liquid-phase films. It is often assumed that the resistance at the
interface between the two phases is negligible. As such, the rate of absorption is

characterized by the following mathematical formula:

® = ga=kga(p - p) = kra(C*4- Cyo) Equation 2-27
Where © = rate of absorption per unit volume of reactor [gm-mol/cm>s]

a = effective interfacial area per unit packed volume [1/cm]

@ = average rate of transfer of gas per unit area [gm'mol/cm®s]

P = partial pressure in the bulk gas [atm]

pi = partial pressure at the interface [atm]

C*, = saturated concentration of gas [mol/L]

Cao = Dbulk concentration of dissolved gas [mol/L]

kg = local gas side mass transfer coefficient [cm/s]

kp = local liquid side mass transfer coefficient [cm/s]

Three models that have been adequately developed for the purpose of describing the rate
of gas mass transfer include: 1) two-film model; 2) Higbie surface-renewal model; and

3) Danckwerts surface-renewal model (Danckwerts 1970).
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Two-Film Model

This model assumes that there is a uniform gas-phase film thickness (8g) and a uniform
liquid-phase film thickness (8;) around the interface between the gas and liquid phases. It
is assumed that the liquid found bélow this film has a homogeneous composition
maintained by regular agitation of the liquid. This model also | assumes that any
convective transport of gas into the bulk liquid is absent; the transport of gas into the bulk

liquid is accomplished through molecular diffusion alone (Charpentier 1981).

Danckwerts (1970) comments that this model is not realistic for the simple reason that the
proposed discontinuities of the liquid surface cannot be entertained, nor can the idea that
the film thickness is uniform. However, he does say that the main idea being proposed,
that the gas must diffuse into the liquid before it can be transported throughout the bulk

of the liquid, is valid and is an “essential feature”.

Surface Renewal Models

These models assume that liquid elements at the interface are replaced by other liquid
elements from the bulk liquid. While any given element of liquid is at the interface, it
absorbs gas rapidly at first, then slows down based on the amount of time that it has been
exposed to the gas. In other words, the element of liquid will continue to absorb gas as if
it were a layer of infinite depth, but the rate of absorption will decrease over time as the
concentration of gas increases. This type of replacement of liquid elements is brought

about by the circulation of liquid (Charpentier 1981).
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The replacement of all the liquid, or elements at the surface of the liquid, does not occur
at the same time. Rather, these clements are replaced in random order. As such, the
elements at the surface of the liquid absorb gas at varying rates, because of their varying
surface ages. It is because of this age variation that there are several different
mathematical models. Generally, eﬁch model assumes a different average age of liquid

elements at the interface (Danckwerts 1970).

The model proposed by Higbie is one of many proposed surface renewal models. This
particular surface renewal model assumes that every element at the surface of the
interface is exposed to the absorbing gas for an equal amount of time (8) before it is
replaced by a liquid element from the bulk liquid. During its time at the interface, each
element of liquid will absorb an equal amount of gas (Vg) per unit area (Charpentier

1981).

The system of equations is as follows:

Vg =2(C*4 — Cao)(Dp0/m)"? Equation 2-28
@ =Vgl0 =2(C*s — Cao)(Da/n0) Equation 2-29
ki = 2(Da/n0)"? Equation 2-30
Where C*, = saturated concentration of gas {mol/L]
Cao = bulk concentration of dissolved gas [mol/L]
D,  =molecular diffusivity in a very dilute solution [cm?/s]
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6 = time of exposure of liquid to gas {s]

kr = local liquid side mass transfer coefficient [cm/s]
Vg = amount of gas absorbed by unit area during time of contact
[g mol/cm?]

As in the film model, the hydrodynamic properties of the system are accounted for

through 6.

Charpentier (1981) noted that Higbie’s primary assumption (equal exposure time) is not
applicable for many vessels (packed columns, plate columns, mechanically agitated
vessels) that are currently used in the industry. This model may be more suited for
situations that use gas bubbles, liquid droplets, liquid jets, and liquids flow under laminar

conditions.

A second surface-renewal model has been proposed by Danckwerts (1970). The
underlying concept of the replacement of particles is similar, however, Danckwerts
assumes that the probability of an element of liquid being replaced is not a function of the
exposure time. The exposure time, 0, from Higbie's model has been replaced with a term
accounting for the rate of surface renewal. This surface renewal rate (s) also takes into

account the hydrodynamic properties of the system as follows (Dankwerts, 1970):

r=(A* - A%(Das)” Equation 2-31
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Where r = rate of reaction of gas per unit volume [gm-mol/cm’ s]

A* = concentration of dissolved gas at the interface, in equilibrium with gas at
the interface [gm-mol/cm?]
A° = concentration of gas in the bulk of the liquid [gmmol/cm?]

Ds  =diffusivity of dissolved gas [cm?/s]

s = fractional rate of surface-renewal  [1/s]

Gas Solubility

The dissolution of a gas into a liquid depends largely on the solubility of the gas, which is
described as the ability of a gas to dissolve into a liquid. Solubility is often described by
Henry’s Law, and is based on the partial pressure of the gas (i.e. ozone) in the system.
Sawyer et al. (1994) defined Henry’s Law by stating: “the weight of any gas that will
dissolve in a given volume of a liquid, at constant temperature, is directly proportional to

the pressure that the gas exerts above the liquid”.

Henry’s law is as follows:

Co =— Equation 2-32

a8

Where H = Henry’s coefficient [atm-cm’/g'mol]

F,, = Partial pressure of ozone gas [atm]
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C ;3 = Equilibrium concentration of ozone gas [gmol/em’]

When dealing with gas solubility, Henry’s law serves only to indicate the extent of a

system’s equilibrium, in essence, how far the system is away from equilibrium.

Three main influences on gas solubility are temperature, pressure, and the presence of
other compounds, such as organics and inorganics. The temperature will influence the
solubility of a gas in a liquid. As the temperature increases, there is a decrease in the
solubility of the gas. However, when gases are dissolved into organic solvents, the

situation is often reversed (Petrucci and Harwood 1997).

Pressure affects the solubility of a gas to an even greater extent than the temperature of
the solution. As the pressure increases, there is a resultant increase in solubility. It should
be noted that for gases at high pressures, Henry’s law fails. At these high pressures, gases
will often ionize in water, or will actually react with the constituents in the water
(Petrucci and Harwood 1997). Finally, the solubility of a gas (such as ozone) can also be
affected by the presence of any inorganic or organic matter present in the solution

(Beltran et al. 1997).

Once in water, the diffusion of ozone follows Fick’s Law with a rate constant of

D, = 1.74*10°° m?/s. This value should be corrected for physical properties that may

vary, and this should be done using the Nernst-Einstein relationship. This relationship is

as follows:
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DLT' H_ Constant : Equation 2-33

Where Dy = diffusivity in water ~ [cm?s]
p = viscosity of the liquid [g/em:s]

T = absolute temperature K]

However, in order to apply a diffusivity equation, it is necessary to assume that the

concentration of the diffusant (i.e. gas) is homogeneous throughout the bulk liquid.

Influences on Mass Transfer

Sotelo et al. (1989) discussed that the overall rate of ozone absorption by water depends
on many factors. These are: ozone’s ability to diffuse into the liquid solution, the auto
decomposition of ozone, and the occurrence of any chemical reactions between ozone

and other dissolved constituents.

With a decrease in temperature, there was a subsequent decrease in the amount of ozone
dissolved into the water, thereby lowering the volumetric mass transfer rate (Hsu et al.
2002, Sotelo et al. 1989). With respect to the pH of the solution, if the pH increased, the
concentration of dissolved ozone decreased. It was postulated that high pH values will

induce the decomposition of ozone, limiting its availability for diffusion (Sotelo et al.

1989).
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It can be generalized that, as ionic strength increases, the absorption rate of ozone will
decrease. In some situations, this relationship is obvious. However, in the presence of

other compounds the above-stated relationship is insignificant (Sotelo et al. 1989).

Further to their study, the effects of gas flow rate, ozone partial pressure, and mixing
speed were studied. It was concluded that both the gas flow rate and the mixing speed
influenced the mass transfer coefficient (k;), as well as the interfacial area (a). It was
found that the partial pressure of ozone will not only affect the liquid driving force, but
the gas driving force as well (Sotelo et al. 1989). Similarly, Hsu et al. (2002), concluded

that, as the agitation speed increased, the volumetric mass transfer rate increased.

Volumetric Liquid Mass Transfer Coefficient

After its generation, ozone must be dissolved into solution, where it can be used as an
effective disinfectant. In general, this process involves the bubbling of ozone gas into a
liquid whereby ozone is transferred from the gas phase into the liquid phase. The rate of

mass transfer is generalized by the following equation (Deckwer, 1992):

Absorption Rate:
ifg— =k,a-(C,-C,) Equation 2-34
Where ki, = Jocal liquid mass transfer coefficient [m/s]

67

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



a = specific interfacial area of gas bubbles [1/m]

C, = concentration of dissolved ozone in equilibrium with the bulk ozone
gas (mg/L]
C. = concentration of dissolved ozone in the bulk liquid [mg/L]

The dynamic axial dispersion model (DADM) proposed by Chen et al. (2002) takes into
account the hydrodynamics of the bubble column reactor, the gas-liquid mass transfer,
and the pseudo-first-order decomposition rate of ozone. This model allows for the
prediction of dynamic variations in ozone concentration, pollutant concentration, énd
oxygen concentration. Chen et al. (2002) showed that as ug increased, the concentrations
increased and reached steady-state conditions faster. Validation of this model was carried
out in a counter-current bubble column. The DADM model assumes: 1) homogeneous
bubbling regime is present; 2) the end effect of the column is neglected; 3) pressure
varies linearly with column height; 4) Henry’s law is applicable; and 5) reactions
occurring in the gas phase are neglected (Chen et al. 2003). Chen et al. (2003) applied the
DADM and evaluated the ozone transfer efficiency of a counter-current bubble column,
using a mixture of oxygen and ozone in the gas phase, with pollutants present in the test
water. The DADM effectively predicted variations in oxygen concentration throughout

the experiment (from beginning to steady state).

Zhou et al. (1994) discussed the modeling of ozone bubble column reactors. It is clear

that the actual flow pattern inside bubble columns is closer to mixed flow than plug flow,
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however, with backmixing in the liquid phase. The ADM was formulated, and applied.
Assumptions surrounding the ADM were: 1) the liquid phase is in axial dispersion; 2) the
gas phase is in plug flow regime; 3) both fluids flow under steady state conditions;
4) pressure depends on column height; 5) gas hold-up and interfacial area remain
constant along the height of the bubble column; 6) resistance to mass transfer is mainly
from the liquid side; 7) the decay rate of ozone is pseudo-first-order in the liquid phase
(negligible in the gas phase); and 8) Henry’s law is applicable. The model incorporated
the mass transfer of ozone, the decay of ozone, and contactor mixing characteristics. The
developed equations can be easily used through numerical methods to predict the
concentration of dissolved ozone in a bubble column. Validation of this model was
carried out in both counter-current and co-current flow regimes. The model was able to
accurately predict the concentration of ozone throughout the length of the column, even

at boundaries where there can be a large amount of mixing (inlet).

Contrary to the majority of studies carried out on bubble column reactors, Kim et al.
(2002a) investigated the applicability of the axial dispersion reactor model (ADM) in a
pilot-scale contactor. The advantages of using pilot-scale studies include the ability to
simulate actual contactor configurations and operating conditions. Kim et al. (2002a)
were able to determine the mass transfer capabilities of a full scale reactor, and thus, its
inactivation efficiency. The experiments were conducted using treated river water, using
Cryptosproidium muris and Cryptosporidium parvum oocysts. Inactivation was
determined using biological surrogate indicators. Bubble-diffuser column mass balances

were used to obtain the expressions corresponding to the steady-state dissolved and gas-
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phase concentrations. The developed model takes into account the variations in ozone
decomposition demands (first-order and second-order kinetic rates), disinfection kinetics
(pseudo first-order rate), and temperature effects. Validation of this model proved that the
ADM accurately represented ozone concentration profiles and inactivation data of the

targeted Cryptosporidium oocysts (Kim et al. 2002b).

In a study by Salazar et al. (1993), mass transfer experiments were conducted in a jet
bubble column operating in a co-current mode. The inlet was conical in shape, and gas
was injected into this inlet with a jet. The energy provided by this set up allowed for
dispersion and breakage of gas bubbles, resulting in a larger interfacial area. The
superficial gas and liquid velocities ranged from 0.03 to 0.09 m/s and from 0 to 0.006
m/s, respectively. Salazar et al. (1993) found that this jet system increased the mass
transfer rate of a normal (perforated plate) bubble column by about 1.5. It was also
determined that there was a negligible relationship between the superficial liquid velocity

and the overall k;a for this reactor.

The study conducted by Zhou and Smith (2000) examined venturi injectors as well as
plate diffusers. As the gas flow rate increased, the interfacial area of the gas bubbles
increased accordingly. The authors further revealed that the ozone mass transfer
coefficient was strongly affected by the gas flow rate. The authors stated that the increase
in mass transfer rate could be attributed to the larger interfacial areas formed at these

increased gas flow rates.
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Gamal El-Din and Smith (2001a) discussed the applicability of the 2P-ADM proposed by
Zhou et al. (1994) and noted that the non-linear partial differential equations were
difficult to solve and time consuming. As a result, Gamal El-Din and Smith (2001a)
proposed a variation to the ADM and the 2P-ADM, the one phase ADM (1P-ADM). The
1P-ADM describes only the liquid phase, with the variation of gas phase concentration
being described by an exponential function. Through mass balance equations of the liquid
phase, a linear second-order differential equation was developed which can be easily
solved analytically. When tested under real water conditions for both co-current and
counter-current operations, it was shown that the 1P-ADM provided excellent predictions

with respect to the concentration of dissolved ozone.

Furthermore, Gamal El-Din and Smith (2003a) conducted experiments on an impinging-
jet bubble column operated under co-current flow conditions. Based on the 1P-ADM
model, the mass transfer of the bubble column was analyzed in clean deionized water
where first-order equations adequately described the ozone auto-decomposition process.
The use of the 1P-ADM proved to be in excellent agreement with the dissolved ozone
concentration profiles. Dissolved ozone concentration profiles were determined to be
more sensitive to changes in the overall mass transfer rate (k;a) than to changes in the
axial dispersion coefficient of the liquid phase (Dp). Although kia was minimally
affected by DL (and thus u;), Gamal El-Din and Smith (2003a) developed an equation to

predict ky a based on ug and ug:
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k,a=2054-u;” -u)” Equation 2-35

Where kya = overall mass transfer coefficient [1/s]
ug = superficial gas velocity [m/s]

uy, = superficial liquid velocity [ms/]

When compared with previously published correlations, the work of Gamal El-Din and
Smith (2003a) displayed an enhanced rate of mass transfer. The improved rate of mass
transfer was attributed to the novel design of the gas injectors used. These injectors were
placed at an intersecting angle of 125° resulting in a high degree of turbulence, thus
increasing the shearing of large bubbles into smaller bubbles and producing a larger

interfacial area available for mass transfer.

Injectors have also been employed as means of ozone dissolution in full and pilot scale
operations. Bellamy et al. (1991) studied the use of a side-stream gas eductor, injected in-
line with the main process stream. This study revealed higher ozone transfer efficiencies
(from a higher degree of mixing), an increase in colour removal, and a decrease in the
contact time required to achieve the desired results. Holder and Leow (1994) used a
venturi side-stream oxygen dissolver system as a method of controlling odours in a full

scale operation.

Marifias et al. (1993) developed a dispersion model, based on their tracer studies. This

model, the transient dispersion model (TDP), is based on the following assumptions:
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1) the ozone contactor operates under steady-state conditions; 2) dispersion occurs in the
liquid phase only; 3) the two-film model is a valid representation of ozone transfer;

4) ozone is stable when in the gas phase; and 5) The rate of ozone decomposition is

represented by:
ac _ —k,C" Equation 2-36
dt
Where k4 = apparent decomposition rate constant of ozone [L/mgmin]
C = residual ozone concentration at a specific time [mg/L]

n = reaction order coefficient

Based on mass balance equations, tracer tests and ozonation tests, the TDP was proven to
accurately predict residual ozone in a pilot-scale ozone bubble-diffuser contactor.
Experiments were conducted using both a coarse and a fine bubble diffuser, under actual

water operating conditions (Marifias et al. 1993).

A model used to predict the mass transfer of ozone in a bubble column has been
developed 'by Huang et al. (1998). This model is a refined version of that proposed by
Marifias et al. (1993), and now includes an n order expression (Marifias et al. (1993) for
the decomposition rate of ozone. This model was used to perform ozonation tests, and
determined that the 1% order reaction rate was a better representation than the 2™ order

reaction rate. In using this model it is necessary to consider the enhancement factor, the
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gas velocity, the concentration of ozone in the bulk of the liquid and the gas hold-up of
the reactor. Equations for the bubble column system were derived based on: 1) mass
balance; 2) absorption equilibrium; and 3) effects of hydrostatic pressure. Also, the film
model describing mass transfer was employed to describe the absorption and
decomposition of ‘ozone. The derived system of equations was validated, and proved to

accurately describe the mass transfer occurring in a bubble column reactor.

A model was developed by Wright et al. (1997) that accurately depicts the mass transfer
in a co-current gas-liquid downflow contactor incorporating venturi suction. The
developed model is based on the mass transfer of the system, with boundary conditions
being the walls of the unit, the inlet streams, and the outlet streams. Assuming plug flow
behaviour, the set of equations was solved using the Runge-Katta technique. The
volumetric mass transfer rate was solved for after experimentally determined variables
were input. The proposed model demonstrates a relationship with the gas to liquid flow
ratio. The problem with the applicability of this model lies in its assumption of plug flow
behaviour. In reality, the flow is not ideal, as is illustrated by the case that the authors
tested (annular flow). This model predicts that this particular co-current gas-liquid

downflow contactor exhibits high mass transfer rates.

Gamal El-Din and Smith (2001c) proposed a cell-based model termed the back flow cell
model (BFCM). This model was based on the presence of two series of interconnected
cells, representing the gas and liquid phases. The two phases are interconnected by an

exchange flow, with backflow occurring in the liquid phase only. This is due to the
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buoyancy of the bubbles, allowing insignificant amount of backmixing to occur in the gas
phase. Unique to this model is it’s ability to make predictions based on a variable cell
volume along the height of the reactor, a variable mixing coefficient along the height of
the reactor, and the formulation and solving techniques of the BFCM can be carried out

using a simple spreadsheet approach (Gamal El-Din and Smith 2001a).

Other models that have been developed are presented in the table below.
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Table 2-4.;

Correlations of overall mass transfer coefficients proposed by previous researchers

Author

Reactor Details

Operating Conditions

Proposed Relationship

Akita and
Yoshida
(1973)

Diameter: 15.2 cm
Height: 400 cm

Gas sparger: Single hole
drilled into centre of
plate

Continuous gas flow
Bath liquid flow
Vg =19.1t0 1510 m/h

-0.62
k,a=0.6-D0 gkl .y (_7_’_) L1 . g%

Pt

g= cmy/s?, d=cm, ug = mw/h, p = g/cm3, v =gloms, y = g/sz,
Dy, = liquid diffusivity, kya = 1/h

Akita and
Yoshida
(1974)

3 Columns
-h: 250 em
-size: 7.7x 7.7 cm
15x15cm
30x30cm
perforated plates:
- single orifice
- multiple orifice

5 1 3 -3 1

k, =05-g%-D}-pf.y* -d?

kL=Cm/S, dvs=m1n,g=cm2/s, p=g/cm3’Y_g/SZ

Hikita et al
(1981)

2 Columns

-Column 1
d:10cm
h: 150 cm
2 nozzles

-Column 2
d: 19cm
h: 240 cm
3 nozzles

1 Continuous

ug=4.2~38 cm/s
Continuous gas flow

and Dbatch
liguid flow

_ 0752 076 0852 0243 0079 1016 J0.604
kia=14.9-g U P "He "M o Dy

kia=1/s, g = cm/s?, ug = cfs, p = g/em’, p = glems, © = g/s?,
Dy = cm’/s ‘

Deckwer et al.
(1983)

4 Bubble Columns

1- Cross of nozzles
d:02m
h:7.2m

2- Sintered Plate
d:0.15m
h44m

3- Cross of nozzles
d:02m
h:2.5m

Bubble Columns 1,2
up = 0.01 - 0.03 c/s

Bubble Columns 3,4
u, = 0.01 - 0.12 coo/s

k,a=0.467 ul®

kra=1/s, ug = m/s
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4- Sintered
perforated plates
d:0.14m
h:2.7m
Kulkarni et al. | Bubble Column Downflow ka-d? 0.873 0.5
(1983) d: 0.075 m ug = 0.022 — 0.025 m/s 194 g B N 2
h:2.65m up = 0.195 - 0.36 m/s D, ) o D, -p,
Ring type distributor 0,605 0245
3 ! -\,
(O-L'p[,] ‘(d'VL'IDLJ
4
Hi -8 Hy
kia=1/s,d =m, D, =m2/s, ug = m/s, p = Pafs, o = N/m, p = kg/m’,
g=m/s’, V,=m’
Cho and | Bubble Colunm Organic solutes Single nozzle:
Wakao (1988) | D: 11 cm k.a=6.5x10% D% .4%%
H:40 cm L L G
Single nozzle 3 porous tubes: )
Three porous tubes k,a=23x10*-Dy -ul"
kpa = 1/s, Dy = m%/s, ug = m/s
Roustan et al. | Bubble Column Co-current and counter- Co-current Counter-current
(1996) d:0.15m current Re = 680 =0.092 7,051 - 05 - 1,564
h:25m L = 16.95 - 74.58 m/h kpa=0092-ug kya=0.105-us""

Porous distributor

ug =16.89 - 24.10 m/h

Re = 1912 - kLa‘—“O.llO-ugm
2986

k,a=0.055-u;**

kia = 1/min, uz=m/h

Chen et al
(2002)

Bubble Column
d:15.8cm

h: 1.33m
Perforated plate

ug = 1.33 - 9.48 mm/s
u = 1.42 - 4.25 mm/s
Counter-current flow

k a=02567 -u)>®

kra = 1/s, ug = mm/s




Chapter 3 Materials and Methods

Transient Back Flow Cell Model

The main hypothesis of the transient back flow cell model (TBFCM) is that the axial
dispersion occurring in the liquid phase is represented by the occurrence of a back flow
and an exchange flow. A schematic representation of the TBFCM occurring in a bubble
column operating in a co-current flow regime is shown in Figure 3-1 (Gamal El-Din and

Smith, 2001c).

Gas Phase Liquid Phase
T T QL ] §
Narem
B
Q" BFCM QL+ QB, Npoon-!
QG,,- t B, j+1] fQL+QB,j -
J &
¥ =%
_ ! Qs,; ‘ TQL'I'QB, 1
Q,, T Q;“l fQL+QB’2
2
Q. T Qg [Qi+Qp; _ _ _ _
1 - g
( <
! T g
QG,O QL ﬂq:

Figure 3-1:  Schematic diagram representing the BFCM for co-current flow
conditions of bubble column reactors, indicating the presence of two
mixing zones, adapted from Gamal El-Din and Smith (2001c)
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The TBFCM involves two series (liquid phase and gas phase) of completely mixed cells.
Each series consists of a certain number of cells equal to Npreym. In order to assume plug
flow operating conditions, the NBFCM should be equal to or greater than 10. However,
reactors dispiaying small aspect ratios may still be modeled, with respect to the gas phase
and according to the plug flow regime, With NBFCM less than 10, due to the large
buoyancy of the gas bubbles. The TBFCM allows more freedom in modelling, in the
sense that it incorporates the possibility of having variable cell volumes along the height
of the bubble column reactor. The development of the TBFCM assumes that the mixing
parameter characterized by the liquid phase Peclet number (Pe;) varies along the height
of the column. The existence of distinct regions of mixing can therefore be considered

(Gamal El-Din and Smith 2001c).

Governing assumptions behind the development of the TBFCM used in the application of
bubble columns are as follows (Gamal El-Din and Smith 2001c):
1) backflow will only occur in the liquid phase;
2) because of the buoyancy of gas bubbles and the large reactor aspect ratio, the
backm:ixing in the gas phase is negligible;
3) the bubble column reactor is operating under steady state conditions (constant
liquid and gas flow rates);
4) when conducting tracer tests with an inert tracer, no mass transfer and
chemical decay processes take place; and
5) the gas hold-up and the interfacial area of the bubbles is constant along the

height of the column.
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The developed equations representing the TBFCM previously described by Gamal El-Din

and Smith (2001a) are as follows:

Forcell: j=1

dy, 1+7

e Equation 3-1

.
= Y +
dt f17 ! fly
NBFCM NBFCM

For cells: 2 S] -sNBFCM'l

ay; l+r,, l+7; +r; Fia

= Y. - Y. + Y.
dt 137 f,7 7 f,7
N BFCM N BFCM N BFCM

Equation 3-2

For CCH:j = NBFCM

dy,

Nerere 1+ N grom ! 1+ rNBFCM

- Y, Nproe—1 Y, N
dt f N, BFCM7 e f N BFCM7 e
NB FCM NBF CM

Equation 3-3
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Where Y, =— Equation 3-4
G
C, = F/A/L = V—M—— Equation 3-5
¢ ﬁv BFCM
7, = 129 Equation 3-6
0
r; = QQB’j Equation 3-7
L
Ve

Equation 3-8

Where C, = instantaneously-mixed tracer concentration at inlet of first cell [mg/L]

Cj = tracer concentration in cell number 5 fmg/L]
f; = dimensionless correction factor for cell number “j”
j = cell number [dimensionless]

M = mass of injected tracer [kg]

Narey = number of cells [dimensionless]

Qg = exchange flow rate for cell number “j” [m’/s]
0,.;, = back flow rate for cell number “j” [m*/s]

Q. = liquid flow rate [m’/s]

66293

1; = dimensionless exchange-flow ratio for cell number *j

6293
J

17 = dimensioniess back-flow ratio for cell number

t = ozone contact time [s]

81

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



V = total volume of the bubble column [m’]

V¢ = average cell volume [m]

V¢, = volume of cell number *5” [m?]

Y = normalized tracer concentration for cell number “j” [dimensionless]
v = mean theoretical hydraulic retention time [s]

Steady-State Back Flow Cell Model

The same principles that the TBFCM is based on were used for the development of the
steady-state back flow cell model. Assumptions 1 to 4 described above are also
applicable to the steady-state BFCM. In addition to these assumptions, the following
assumptions are also required (Gamal El-Din and Smith 2001c):

1) resistance to the mass transfer of ozone absorbance is restricted to the liquid
side only;

2) an enhancement factor representing the mass transfer of ozone due to the
occurrence of chemical reactions is 1.0, implying that the absorption of ozone
into water follows the slow-chemical reaction regime;

3) the system is operating in a steady-state isothermal manner;

4) Henry’s law is applicable;

5) the other constituents of the feed gas, other than ozone, are considered to be
inert;

6) the local mass transfer coefficient (ki) is constant along the length of the

reactor;
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7) the hydrostatic pressure inside the reactor varies linearly with the reactor
height;

8) the variability in the superficial gas velocity is due to the absorption of ozone,
the depletion of dissolved ozone gas, the decrease in ‘ gaseous ozone
concentration, and the decrease in hydrostatic pressure; and

9) the auto-decomposition of ozone occurring in the liquid phase can be
described by a pseudo first-order rate, while the auto-decomposition of ozone

occurring in the gas phase is considered to be negligible.

Applying mass balance equations to the co-current operation of the impinging-jet bubble
column shown in Figure 3-1 will lead to sets of equations describing the dissolved ozone,
the gaseous ozone, and the total gas within each cell. These equations are written as

follows based on the model previously developed by Gamal El-Din and Smith (2001c).

It should be noted that these formulae differ slightly from those published in Gamal El-
Din and Smith (2001c). The following formulae account for a variable mass transfer
coefficient along the height of the reactor, as described by the varying liquid phase
Stanton number (St;). As a result, the assumption (noted above) of a constant rate of
mass transfer is changed to an assumption of a variable rate of mass transfer. Also, the
following formulae take into account the variable cell volume (f;), the variable cross-

sectional area (f, ;), and the variable pressure (fz;) along the height of the bubble column.
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Dissolved Ozone

Forcell: j=1

X, “(1‘”3 I Sy Pyt ISy ’StL,j)'Xl +r X, + ,
. Equation 3-9
Sy Fag-Stry (v e £.,-05) % =0

For cells: 2 <j <Nppem-1

(1+rj_1)-Xj_1 ——(1+rjt +r+ i Fa; Dyt fi S 'StL,j)'Xj + .
' _ Equation 3-10
P X+ fy - fo; Sty -(+a-f,,-(7-05))-7, =0

For cell: j = Npeum

(1+’NBW)'XNBFCM ’(1+r1'vBFCM i Sai Panger VI Fai Stiniyees )'XNm:M
+fj 'fA,j 'StL,NBFCM '(1+a'fz,j '(NBFCM "0'5))'YNBFCM =0

Equation 3-11

Gaseous Ozone:

For cells: 1 < <Nprcm

96,5+ 'Yj—l'(1+a'fz,j'(j—l's))_qG,j'Yj(1+a‘fz,j(j_0‘5)) B i
. quation 3-12
=i fai St '((1+a-fz,j-(1—0.5))-Yj ’"Xj)

Total Gas:

For cells: 1 <5 <Npreum

9¢,j '(l'l"a'fz,j '(j‘l-S))“QG,j '(1+a'fz,j '(j‘O-S)) .
) Equation 3-13
=i fai St Yo '((1+6¥‘fz,,- '(J“O-S))'YJ"XJ')
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Where X, = C*’j
Lo
. _»
Cr, =g Vi
_ QB,j
70
= Q‘B’j
T
D - k, & L
7 Ngren 4
0
b A
S kia-L
“ N pren 4,
- —p -gogL aL
NBFC ’R)
y
Yo
g, = QG,j
Gj =
Os.0
S = ka-L
¢! N pren “Ugo
0
Ugo _'A_G
BC
V..
fi= Vc’j
N gren
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Equation 3-14

Equation 3-15

Equation 3-16

Equation 3-17

Equation 3-18

Equation 3-19

Equation 3-20

Equation 3-21

Equation 3-22

Equation 3-23

Equation 3-24

Equation 3-25

Equation 3-26
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fAJ — VCOMB

Equation 3-27

7 L. ACOMB

Veors =V, +V, Equation 3-28
= L Equation 3-29
Jei = 7 quation 3-
Javg

z,, =% Equation 3-30

S

BFCM ‘

Where Agc = cross sectional area of the straight section of the impinging-jet bubble
column [mz]
Acoms = average cross-sectional area of the impinging jet bubble column
[m’]
Cz,o = equilibrium dissolved ozone concentration at inlet [mg/L]

C.; = instantaneous dissolved ozone concentration in cell number 4§
[mg/L]
D, = dimensionless Damkdéhler number of cell number 5

fa; = dimensionless correction factor for the cross-sectional area of cell number

66295

]

f; = dimensionless correction factor for the volume of cell number *j”
fz; = dimensionless correction factor for the pressure for cell number “§”
g = gravitational acceleration [m/s?]

H =Henry’s law constant [kPa-L/mg]

kia = overall mass transfer coefficient [1/s]
ky, = specific ozone utilization rate constant [1/s]
86

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



L = total height of the bubble column [m]

Ngronm = number of cells in the BFCM

Py = liquid hydrostatic pressure at inlet [kPa]

P; = liquid hydrostatic pressure in cell number “” [kPa]

qa; = ratio of the gas flow rate flowing out of cell number “j” over the feed-gas

flow rate flowing into the first cell [dimensionless]

Qg,1 = exchange flow rate for cell number “j” [m3 /s]

Q,'g’2 = back flow rate for cell number “” [m3 /5]

Qg = gas flow rate [m/s]

Qg0 = gas flow rate flowing out of inlet [m®/s]

Qg = gas flow rate flowing out of cell number *j” [m’/s]
Q. = liquid flow rate [m%/s]

Qv = liquid flow rate [m’/s]

1; = dimensionless exchange-flow ratio for cell number “”

1;” = dimensionless back-flow ratio for cell number “j”

Stg; = dimensionless Stanton number of the gas phase for cell number “j”
Sty ; = dimensionless Stanton number of the liquid phase for cell number “5”
ug = superficial gas velocity at inlet [m/s]

ur = superficial liquid velocity [m/s]

V¢ = average cell volume [m’]

V¢; = volume of cell number “j” [m’]

Vcoums = total volume of the impinging-jet bubble column reactor [m’]
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V1 = volume of the straight portion of the impinging-jet bubble column reactor
[m’]

V, = volume of the angular (base) portion of the impinging-jet bubble column
reactor [m’]

X; = dimensionless dissolved ozone concentration in the liquid phase for cell
number “”

yo = dimensionless ozone molar fraction in the gas phase at the inlet

y; = dimensionless ozone molar fraction in the gas phase

Y= dimensionless ozone concentration in the gas phase for cell number “j”

Z; ot = actual dimensionless distance of cell number “j” based on the midpoint
of cell number “”

Z; ave = average dimensionless distance of cell number “j” based on the midpoint
of cell number “”

o = dimensionless parameter

g1 = dimensionless liquid phase hold-up

p = liquid density [kg/m]

Impinging-Jet Bubble Column

The pilot-scale tests were conducted in an impinging-jet bubble column. A schematic

diagram of the set up is shown below in Figure 3-2.
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Over-head tank

Data logger

Storage barrels A

Figure 3-2:  Bubble column pilot-scale set-up, adapted from Gamal El-Din and Smith
(2001b)

The bubble column portion was made of PVC and had an inner diameter of 100 mm and
a total height of 1,520 mm. The non-aerated water level inside the column was
maintained at 1,315 mm, and held constant using an overflow weir at the top of the
bubble column. A ring tube with a 20 mm diameter hole facing downwards was also

placed at the top of the column (Gamal El-Din and Smith 2001b).
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The base of the bubble column was elliptical in shape, and the sidewalls of the bottom of
the bubble column had a conical shape. This geometry was used to reduce the effects of
the backward fluid jet created as a result of the jet impingement, and to minimize any
possible short-circuiting that might occur (Gamal El-Din and Smith 2001b).

® venturi injectors, model type 384, were used as gas injectors. The venturi

Mazzei
injectors were placed at an intersecting angle of 125°, 25 mm above the bottom of the
bubble column. The distance between the centres of the nozzles was 60 mm (Gamal El-

Din and Smith 2001b).

Five bell shaped sampling ports were inserted inside the bubble column at equal intervals
along its height. These ports were situated inside the reactor at a distance equal to 1/3 of
the column diameter. The bell shape of the sampling ports was chosen to minimize the
entrainment of gas bubbles during sample withdrawal. Three Honeywell® pressure
sensors (model 26PC) were also inserted inside the bubble column at a distance of 1/3 of
the column diameter. The three probes were located at heights of 34.8 mm, 830 mm, and
1297 mm, measured from the bottom of the bubble column. The location of the sampling

ports and pressure sensors is shown in Figure 3-2 (Gamal El-Din and Smith 2001b).

To minimize fluctuations in the liquid feed rate, peristaltic pumps were used to pump the
water from storage tanks to an overhead tank. From there, the water was further pumped

by a centrifugal pump into two lines leading to the injectors. The flow of the water was
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measured in each of the lines using flowmeters. As the water passed through the venturi
injectors, gas was introduced into the motive fluid (water) flow stream. The gas flow rate
was monitored using gas rotameters. Pressure gauges were installed on the liquid flow
lines, the gas rotameter exit, and at the throat of the injector (i.e. gas introduction point).
These pressure gauges Were calibrated prior to use (Gamal El-Din and Smith, 2001b).
Throughout the entire set of experimental runs, the barometric pressure varied between

692.36 to 715.22 mm Hg.

The data that were used in the following analysis (mixing study, gas holdup study, bubble
properties analysis, and overall mass transfer rate determination) were collected from

experiments conducted by Gamal El-Din (2001).

Mixing Study

Experimental

Tracer tests were conducted on the impinging-jet bubble column, in an attempt to
characterize the backmixing of non-ideal flow conditions. Pulse-input tracer tests were
applied using an inert tracer, a potassium chloride (KCl) solution of known concentration,

and a test liquid of clean deionized water (Gamal El-Din and Smith 2001a).

The impinging-jet bubble column was operated under co-current mode, with the venturi
injectors operating in both gjection and injection modes. The tracer tests were conducted

under a range of operating conditions; the liquid flow rate varied from 6.05 x 10° t0 2.21
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x 10 m%/s, and the gas flow rate varied from 6.64 x 10° to 1.14 x 10 m’/s, resulting in a
theoretical hydraulic residence time (t) between 48 and 190 s. As was the case in the
other experiments conducted on the impinging-jet bubble column, the system was
allowed to reach steady state operation prior to the injection of the tracer. The
background conductivity of the water was also taken into account (Gamal El-Din and

Smith 2001a).

A potassium chloride solution of concentration 70 g/L was injected into the two venturi
injectors simultaneously, upstream of the gas introduction point. Conductivity was
continuously monitored every second at four locations along the height of the bubble

column, until the total tracer mass was recovered. (Gamal El-Din and Smith, 2001a)

Analysis

The development of the TBFCM equations allows for the use of a variable mixing
coefficient. Within the impinging—jet bubble column, two zones of mixing can be
distinguished. The first zone is representative of the intense mixing caused in the first cell
of the model where the impinging jets are located, and is represented by the backmixing
ratio r;. The remainder of the column is represented by a second zone of mixing, with
similar mixing conditions displayed along the height of the column. These conditions are
represented by the backmixing ratio r;. The idea of having two mixing zones in a bubble

column reactor is depicted in Figure 3-3, and is related to the BFCM.
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Figure 3-3:  Impinging-jet bubble column and representation of two mixing zones,
adapted from Gamal El-Din and Smith (2001b)

As a comparison, the presence of only one mixing zone (therefore, a constant r) in the
bubble column was investigated. The most accurate and reliable method of characterizing

the impinging-jet bubble column was determined.

The conductivity of the solution was measured every second by the probes. This enabled
for accurate representation of the tracer concentrations in the residence time distribution
(RTD) curves. Predictions of the tracer concentrations were plotted using the TBFCM.
After many trials, it was determined that the data was most accurately predicted when the

model used eight cells, instead of 10 (plug flow conditions).
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